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Abstract: Flow characteristics, such as flow pattern, gas holdup, and bubble size distribution, in an 
internal loop reactor with external liquid circulation, are simulated to investigate the influence of reactor 
internals by using the computational fluid dynamics (CFD)-population balance equations (PBE) coupled 
model. Numerical results reveal that introducing a downcomer tube and a draft tube can help to improve 
the mass and heat transfer of the reactor through enhanced liquid circulation, increased gas holdup and 
reduced bubble diameter. The hydrodynamic behavior in the internal loop reactor with external liquid 
circulation can be managed effectively by adjusting the diameter and axial position of the draft tube.
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pressure difference between the riser and the annular region 
and increases the interfacial area between the gas and liquid 
phases. 

For this proposed combined loop reactor, the internal 
geometry may significantly influence the hydrodynamics 
and chemical reactions. It has been reported for the loop 
reactors that internal geometry and hydrodynamics are inter-
related and their relationship can be quite complex (Šimčík 

1 Introduction
Loop reactors have been widely used in chemical 

processing and other related processes due to their simple 
construction without moving parts, excellent mass and heat 
transfer, efficient mixing with low energy consumption, 
straightforward low cost operation and so on (Deng et al, 
2010). Generally, the loop reactors can be divided into 
internal and external loop reactors. The internal loop reactor 
is usually constructed by mounting a draft tube inside a 
bubble column. Liquid is brought up by gas sparged into the 
draft tube (riser) or the annulus (downcomer) region and falls 
down due to gravity, which results in overall liquid circulation 
in the column. On the other hand, the external loop reactor 
has an external downcomer attached to a bubble column. 
Gas is dispersed at the bottom of the riser and a global liquid 
circulation is induced due to the pressure difference between 
the riser and the downcomer. The design and optimization 
of these reactors is a key issue for applying them in new 
fields. In recent years, several modified configurations of loop 
reactors were proposed to meet the requirement for alkylation 
processes and liquid fuel synthesis. (Liu et al, 2007; Lu 
et al, 2009; Zhang et al, 2003; Zhang and Zhao, 2006). 
Among these reactors, the combined gas-liquid (or slurry) 
loop reactor proposed by Lu et al (2009) makes use of the 
advantages of the external or internal loop reactor, in addition, 
it includes a liquid (or slurry) spray section in the upper part, 
sieve plates in the middle part, and an internal loop section 
in the lower part (Lu et al, 2009; Zhang et al, 2010b). As 
shown in Fig.1, external liquid circulation is introduced by a 
downcomer tube, which enhances the driving force due to the 
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Fig. 1 Schematic diagram of an internal loop reactor 
with external liquid circulation
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et al, 2011). For example, Nishikawa et al (1976) reported 
that, for efficient spouting, the ratio between the diameter of 
the cone bottom and the column diameter should be smaller 
than 0.2. Kolde et al (1983) investigated the effect of the 
ratio between the diameters of the draft tube and the column 
diameter (DT/D) on the hydrodynamics of the air-water 
system, and the result demonstrated that in the range of 0.5 
< DT/D < 0.75, a decrease in DT/D will result in an increase 
in the gas-liquid mass transfer coefficient but no significant 
change in the global gas hold-up. Hwang and Fan (1986) 
used draft tube bubble columns with DT/D ratio of 0.50, 0.67 
and 0.83, and found that a DT/D ratio of 0.50 yielded the 
largest global gas hold-up. Wachi et al (1991) reported that, 
with DT/D increase, the gas hold-up between the draft tube 
and annular regions increased. Saez et al (1995) found that 
the axial position of the draft tube can efficiently control the 
hydrodynamic behavior of these reactors. Hekmat et al (2010) 
chose a distance of 0.05 m between the draft tube and the 
wall as the optimum distance as it modified the performance 
of the reactor. To optimize the design of the combined loop 
reactors, a better understanding of the physical mechanisms at 
the local scale is needed (Ayed et al, 2007). Generally, there 
are two ways to obtain local physical mechanisms: One is 
to utilize empirical correlations obtained from experimental 
data (Heyouni et al, 2002; Giovannettone and Gulliver, 
2008; Gandhi et al, 2009); the other is to apply mathematical 
models based on computational fluid dynamics (CFD). 
Empirical correlations are applicable only in a limited range 
of geometric and operating parameters and extrapolation of 
them is very risky. Therefore, the hydrodynamics in the loop 
reactors have been simulated extensively (such as by Krishna 
et al, 1999; Chen et al, 2005; Dhotre and Joshi, 2007; Hekmat 
et al, 2010). 

Even though the aforementioned achievements have 
been made, in most reports dealing with gas-liquid flows, 
gas bubble size is assumed to be the same, i.e. the mono-
dispersed gas bubbles (Krishna et al, 1999; Chen et al, 2005; 
Dhotre and Joshi, 2007; Hekmat et al, 2010; Šimčík, 2011). 
Actually, in dispersed gas-liquid flow, a wide range of bubble 
sizes and shapes exist at different locations throughout 
the whole reactor. It is of importance to take breakage and 
coalescence effects into consideration and predict the local 
gas bubble size distribution. With a multiple size group 
(MUSIG) model, bubble sizes are calculated directly from 
the population balance equations (PBE) and bubble-bubble 
interactions are controlled by bubble coalescence and breakup 
law (Bhole et al, 2008; Jia et al, 2007; Zhang et al, 2010a).
In our work, systematic and detailed investigation of the gas-
liquid flow behavior (liquid velocity, local gas holdup and 
bubble size distributions) and the effects of reactor internals 
(downcomer tube and draft tube) on the hydrodynamics in the 
novel internal loop reactor with external liquid circulation are 
carried out by using the CFD-PBE coupled model.

2 CFD model
2.1 Continuity and momentum equations 

An Eulerian-Eulerian multi-fluid model is employed, 
where gas and liquid phase are treated as continua, 

interpenetrating and interacting with each other in the 
computational domain. The pressure field is assumed to 
be shared by both phases, in proportion to their respective 
volume fraction. The motion of each phase is governed by 
corresponding mass and momentum conservation equations.

  The continuity equation is:

(1)
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where P, μ, and g are pressure, dynamic viscosity and gravity acceleration, respectively. Fi is the 

interfacial force acting on phase i due to the presence of the other phase, which includes drag force, 

interphase turbulent dispersion force, virtual mass and lift force. Virtual mass and lift force are 

neglectable in comparison with the drag force and interphase turbulent dispersion force (Bartrand 

et al, 2009; Panneerselvam et al, 2008) and they are excluded in the interfacial force, Fi:  
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where db stands for the mean bubble diameter, Δρ is the 
density difference between the liquid and gas phases, uT is the 
bubble terminal rise velocity, which can be calculated as:
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where μref is the molecular viscosity of tap water at a refer-
ence temperature and pressure; Eö stands for Eötvös number 
as below:
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where CTD, the momentum transfer coefficient for the 
interphase drag force, has a value of 0.1 to 0.5 based on the 
superficial gas velocity; CD stands for drag force coefficient, 
νtl and σtl for turbulent viscosity and turbulent Schmidt number 
of the liquid phase, respectively.

2.2 Turbulence model
In order to solve the Reynolds stress in the turbulent 

momentum equations, the standard k–ε model is chosen for 
simulating the liquid phase, and can be expressed as follows:
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where CTD, the momentum transfer coefficient for the interphase drag force, has a value of 0.1 to 

0.5 based on the superficial gas velocity; CD stands for drag force coefficient, νtl and σtl for 

turbulent viscosity and turbulent Schmidt number of the liquid phase, respectively. 
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where Cε1, Cε2, σk, Cμ and σε are parameters in the standard 
k–ε model and the following values are selected: Cε1 = 1.45, 
Cε2 = 1.9, Cμ= 0.09, σk = 1.0, and σε= 1.3. The turbulent 
viscosity of liquid phase, μtl, is modeled using the Sato 
enhanced turbulence model (Sato and Sadatomi, 1981) as 
below:   
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where BB, DB, BC, and DC are the birth rate due to breakup 
of larger bubbles, the death rate due to breakup into smaller 
bubbles, the birth rate due to coalescence of smaller bubbles, 
and the death rate due to coalescence with other bubbles, 
respectively. These rates may further be expressed as: 
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where g(q;w) stands for the specific breakup rate, and Q(q;w) for the specific coalescence rate.  

For break-up of bubbles in turbulent dispersion, the theoretical model developed by Luo and 

Svendsen (1996) is employed. This model is based on the theories of isotropic turbulence and 

probability, and significantly it contains no unknown or adjustable parameters. For the 

coalescence of two bubbles, the theoretical model developed by Prince and Blanch (1990) is 

utilized.  

 

3 Numerical details  

Fig. 2a shows the mesh topology of the loop section. A hybrid mesh topology technique is 

employed in this study. More detailed information about the mesh topology technique can be 

found in elsewhere (Lu et al, 2009).  Boundary conditions, initial conditions and iteration scheme 

are set for the numerical simulations using the ANSYS CFX 10.0 software package (Ansys, 2005). 

At the gas and liquid inlets, gas and liquid velocities are set according to the experimental input. 

At the liquid outlet, liquid velocity is assigned to be same as the experimental data. At the gas 

outlet, degassing condition is used. Along the walls, gas and liquid are treated as free-slip and 

no-slip, respectively. Initially, the reactor is filled with stationary liquid. Ten initial bubble classes 

with the diameters ranging from 0 to 8 mm and size fraction of 0.01, 0.07, 0.17, 0.30, 0.21, 0.11, 

0.07, 0.04, 0.019 and 0.001 are employed according to the experimental measurements by Zhang 

(21)
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For break-up of bubbles in turbulent dispersion, the theoretical model developed by Luo and 

Svendsen (1996) is employed. This model is based on the theories of isotropic turbulence and 

probability, and significantly it contains no unknown or adjustable parameters. For the 

coalescence of two bubbles, the theoretical model developed by Prince and Blanch (1990) is 

utilized.  

 

3 Numerical details  

Fig. 2a shows the mesh topology of the loop section. A hybrid mesh topology technique is 

employed in this study. More detailed information about the mesh topology technique can be 

found in elsewhere (Lu et al, 2009).  Boundary conditions, initial conditions and iteration scheme 

are set for the numerical simulations using the ANSYS CFX 10.0 software package (Ansys, 2005). 

At the gas and liquid inlets, gas and liquid velocities are set according to the experimental input. 

At the liquid outlet, liquid velocity is assigned to be same as the experimental data. At the gas 

outlet, degassing condition is used. Along the walls, gas and liquid are treated as free-slip and 

no-slip, respectively. Initially, the reactor is filled with stationary liquid. Ten initial bubble classes 

with the diameters ranging from 0 to 8 mm and size fraction of 0.01, 0.07, 0.17, 0.30, 0.21, 0.11, 

0.07, 0.04, 0.019 and 0.001 are employed according to the experimental measurements by Zhang 

where g(q;w) stands for the specific breakup rate, and Q(q;w) 
for the specific coalescence rate. 

For break-up of bubbles in turbulent dispersion, the 
theoretical model developed by Luo and Svendsen (1996) is 
employed. This model is based on the theories of isotropic 
turbulence and probability, and significantly it contains no 
unknown or adjustable parameters. For the coalescence of 
two bubbles, the theoretical model developed by Prince and 
Blanch (1990) is utilized. 

3 Numerical details 
Fig. 2a shows the mesh topology of the loop section. A 

hybrid mesh topology technique is employed in this study. 
More detailed information about the mesh topology technique 
can be found in elsewhere (Lu et al, 2009).  Boundary 
conditions, initial conditions and iteration scheme are set 
for the numerical simulations using the ANSYS CFX 10.0 
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software package (ANSYS, 2005). At the gas and liquid 
inlets, gas and liquid velocities are set according to the 
experimental input. At the liquid outlet, liquid velocity is 
assigned to be same as the experimental data. At the gas 
outlet, degassing condition is used. Along the walls, gas 
and liquid are treated as free-slip and no-slip, respectively. 
Initially, the reactor is filled with stationary liquid. Ten initial 
bubble classes with the diameters ranging from 0 to 8 mm and 
size fraction of 0.01, 0.07, 0.17, 0.30, 0.21, 0.11, 0.07, 0.04, 
0.019 and 0.001 are employed according to the experimental 
measurements by Zhang et al (2010b). The gas superficial 
velocity and liquid circulation velocity used are 0.031 m/s  
and 0.030 m/s respectively in all the simulations. Air at 25 
°C with a density of 1.205 kg/m3 and a viscosity of 1.83×10-5

Pa∙s is used as the gas phase, and water with a density of 

998.2 kg/m3 and viscosity of 1.005×10-3 Pa∙s as the liquid 
phase for all simulations. 

4 Results and discussion
The internal loop reactor is generally divided into four 

regions, namely the riser or draft tube region, the gas-
liquid separation region, the annulus region and the bottom 
region (Luo and Al-Dahhan, 2008; Talvy et al, 2005). 
Two extra regions have to be considered after an external 
liquid circulation is introduced (Liu et al, 2007; Lu et al, 
2009; Zhang et al, 2010b). Following the above studies, the 
combined loop reactor is divided into six regions as shown 
in Fig. 2b, which are bottom region, gas-distributor action 
region, downcomer-tube action region, upper draft-tube 
region, gas-liquid separation region and annular region.

Fig. 2 Schematic diagram of the internal loop reactor 

Gas outlet

Draft tube

Downcomer tube

Gas inlet
Gas distributor

Gas-liquid separation region

Upper draft-tube region

Downcomer tube

Annular region

Downcomer tube action region

Draft tube

Gas-distributor action region
Gas distributor
Bottom region

Gas entry tube

H6=1.407 m

H5=1.187 m

H4=0.947 m

H3=0.644 m

H2=0.500 m

H1=0.385 m

(a) Mesh topology (b) Regions

4.1 Function of the draft tube
As a draft tube is the main feature of the inner loop 

reactor compared to the traditional bubble column, the effect 
of the draft tube on the local hydrodynamics of the gas-liquid 
flow is examined. Figs. 3 and 4 present the liquid and gas 
velocity vectors in the reactor using a draft tube of diameter 
0.192 m. It is found that by fitting a draft tube, liquid and gas 
are able to pass through a full cycle within the reactor. Liquid 
moves upward with a relatively high velocity in the centre of 
the draft tube, which is quite similar to that in a traditional 
bubble column (Jin et al, 2007). This movement indicates that 
the the average axial liquid velocity has increased and a better 
mixing has occurred. 

Moreover, the gas holdup and the bubble size distribution 
are indicators of better performance in the draft tube reactor. 
As seen in Fig. 5b, the gas holdup in the upper draft-tube 
region and gas-liquid separation region increases when the 
draft tube is included in the reactor. This results in higher 
gas holdup in the annular region because once gas bubbles 
reach the top of the reactor, a large proportion of gas bubbles 
disengage while the rest are drawn downward into the annular 
region as shown in Fig. 4. The bubble size distribution shown 
in Fig. 6 further validates the benefit of the draft tube. Due to 
a dramatic increase in the bubble breakage, small size bubbles 

are formed and size distribution becomes uniform. Therefore, 
the mass transfer rate is highly enhanced in the reactor due to 
the larger interfacial surface area of these smaller bubbles. 

4.2 Effect of draft tube diameter
An important parameter in designing the combined 

loop reactor with a draft tube is its diameter. In this work, 
three draft tube diameters of 0.192 m, 0.212 m and 0.236 
m were employed to investigate the effect of draft tube 
geometry on hydrodynamics in the gas-liquid two-phase flow, 
corresponding to DT/D = 0.676, 0.746 and 0.831 (where DT is 
diameter of the draft tube and D is diameter of column). 

As shown in Fig. 7, the liquid velocity vector indicates 
that there is an overall liquid circulation in the reactor for 
three draft tube configurations, however, the highest liquid 
velocity is found in a draft tube reactor with a diameter of 
0.192 m, and liquid circulation movement can be clearly seen 
in the reactor. The bigger the gap between the draft tube and 
the wall results in the higher the liquid circulation velocity 
inside the draft tube. By moving towards the reactor wall (the 
diameter of 0.236 m), the circulation movement becomes 
weak in the reactor, especially in the gas-liquid separation 
and bottom regions. 

For gas holdup in Fig. 8, it can be found that the difference 
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(a) Gas-liquid separation region Without draft tube With draft tube

(b) Upper draft-tube region Without draft tube With draft tube

(c) Downcomer-tube action region With draft tubeWithout draft tube

(d) Bottom region Without draft tube With draft tube

Fig. 3 Liquid velocity vector in the reactor with and without draft tube

Fig. 4 Gas velocity vector in reactors with and without draft tube
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in gas holdup between the draft tube and annular regions 
is clearly seen as DT/D increases (Saez et al, 1995), which 
means a smaller draft tube diameter leads to an increase in 
the entrainment of gas bubbles to the downcomer compared 
with larger diameters. Moreover, bubbles are smaller and 
uniform distributed when the draft tube has a diameter of 0.192 
m compared to the bigger ones as shown in Fig. 9. Similarly, 
Hwang and Fan (1986) found that the draft tube of 7.62 cm 
inside diameter results in the highest overall gas holdup 
compared to the other two diameters of 10.16 and 12.7 cm. 
However, the draft tube can not be too small. Given the same 
gas flow rate, the gas volume fraction increases sharply in 
such a small liquid volume with a narrow draft tube, which 
leads to an increase in gas bubble coalescence rate. Therefore, 
large gas bubbles form and escape from the surface of the 
reactor, reducing the gas holdup in the annular region.

(a) Without draft tube (b) With draft tube

Gas holdup
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Fig. 5 Gas holdup distribution in reactors with and without a draft tube

Dash line: without draft tube; Solid line: with draft tube
Fig. 6 Bubble size distribution with and without a draft tube
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Fig. 7 Liquid velocity vector in the reactor with different draft tube diameters
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Fig. 8 Gas holdup with different draft tube diameters
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Fig. 9 Bubble size distribution in the reactor with different draft tube diameters
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4.3 Effect of the draft tube axial location
Two axial locations of the draft tube are compared to 

investigate the effect of axial location on hydrodynamics in 
the reactor. One location is 0.17 m beneath the gas distributor, 
and the other is 0.05 m above the gas distributor.  

The liquid velocity vectors at the bottom region of the 
reactor in Fig.10a demonstrate no liquid circulation when the 
draft tube is placed above the gas distributor. However, by  
relocating the draft tube in a lower position, liquid circulation 
becomes clear (Fig.10b). This is in agreement with a previous 

       

(a) 0.05 m above 
the gas distributor

(b) 0.17 m beneath 
the gas distributor
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Fig. 10 Liquid velocity vector in the reactors with 
different axial positions of draft tube
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 Fig. 11 Gas holdup in the reactors with different axial positions of draft tube
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Solid line: 0.17 m beneath the gas distributor; Dash line: 0.05 m above the gas distributor
Fig. 12 Gas holdup distribution in the reactors with different axial positions of draft tube

report that the stability of the circulation is disrupted if the 
draft tube is positioned too high above the bottom of the 
reactor (Saez et al, 1995). From Fig. 11, it can be clearly seen 
that the gas holdup in the case of the draft tube at a lower 
position is much higher both inside the draft tube and in the 
annular region than that for the draft tube at a higher position. 
This result can be further confirmed by the radial profile of 
the local gas holdup distribution in the four main regions 
as shown in Fig.12. Hwang and Fan (1986) also found that 
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the highest overall gas holdup is achieved at a relative lower 
bottom spacing of 1.27 cm compared to other three bottom 
spacings of 0.44, 2.54 and 5.08 cm.

For the gas bubble size distribution as shown in Fig. 
13, smaller bubbles with a diameter less than 2 mm are 
found when the draft tube is at a lower position (Fig. 13a). 
In contrast, much larger bubbles are found when the draft 
tube is at a higher position, especially in the upper draft tube 
and gas-liquid separation regions due to coalescence (Fig. 
13b). Therefore, the conclusion can be drawn that varying 
the axial position of the draft tube can efficiently control the 
hydrodynamic behavior of the combined loop reactor. 

Fig. 13 Bubble size distribution in the reactors with 
different axial positions of draft tube
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5 Conclusions
In order to discover the influence of the internals on the 

hydrodynamics of gas-liquid flow behavior in the internal 
loop reactor with external liquid circulation, flow pattern, 
gas holdup and bubble size distribution are simulated by the 
CFD-PBE coupled model. In view of the results in the current 
work, the following conclusions are obtained:

1) The function of the draft tube is confirmed by the 
enhanced liquid circulation, enlarged and more uniform 
gas holdup, and reduced bubble diameter and narrow size 
distribution.

2) A draft tube with diameter of 0.192 m has been chosen 
as the optimized diameter in the gas-liquid flow of our 
specific reactor because the highest liquid velocity, gas holdup 
and smallest gas bubbles are obtained, which are helpful to 
the mass transfer and reaction of the reactor.

3) The axial position of the draft tube can efficiently 
control the hydrodynamic behavior of this combined loop 
reactor. Locating the draft tube below the gas distributor gets 
the best performance from the reactor.
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Nomenclatures
Aij Net interfacial area between the phases, m2

B Birth source, kg/m3 s

CD Drag coefficient

CTD Momentum transfer coefficient for interface drag force

db Mean bubble diameter, m

D Diameter of the reactor, m

DB Death rate due to breakup into smaller bubbles

DC Death rate due to coalescence with other bubbles

DT Diameter of the draft tube, m

Eö Eötvös number

Fi Total interfacial force, N

g Acceleration due to gravity, m/s2

g(m; ε) Specific breakup rate, 1/s

h Axial height of the reactor, m

k Turbulence kinetic energy per unit mass, m2/s2

m Mass, kg

M Morton number, dimensionless

N  Number density, 1/m3

P Pressure, Pa

q Bubble size, m

Q(m; ε) Specific coalescence rate, 1/s

r Radial position of the loop reactor, m

Rc Radius of the loop reactor, m

u Velocity, m/s

uT  The terminal velocity of bubble, m/s

w Bubble size, m

Greek letters

α Volume fraction  

ε Turbulence dissipation rate, m2/s3

μ Viscosity, kg /m·s2

μtl,b Bubble-induced component of turbulent viscosity, kg/(m·s)

μtl,s Conventional shear-induced turbulent viscosity, kg/(m·s)

v Kinematic viscosity, m2/s

ρ Density, kg/m3

σ  Surface tension, N/m

Subscripts

b                                Bubble

g Gas phase

l Liquid phase

t Turbulent
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