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a b s t r a c t

As oil and gas exploration progressively moves into deepwater regions, flow assurance in multiphase 
transport pipelines has become a critical issue. The complex conditions in deepwater environments 
often lead to the formation of hydrates, which can block pipelines. Therefore, the injection of hydrate 
inhibitors has become a common practice. In engineering practice, conservative dosing rates are typi
cally adopted to ensure safety margins, but this often leads to a significant increase in costs. This paper 
presents a steady-state computational model to determine the distribution of inhibitors along the 
pipeline. The innovation lies in combining multiphase flash calculations with pipeline flow modeling, 
offering high accuracy and a wide range of applicability. This model is designed with modular flexibility, 
allowing substitution of different steady-state flow  models and thermodynamic models, thereby 
extending its adaptability to diverse engineering scenarios. The computational results are compared 
with those from OLGA (a commercial software for multiphase flow  simulation), and the results 
demonstrate that the proposed method achieves high accuracy, indicating that it can serve as a refer
ence for optimizing inhibitor dosage.
© 2026 The Authors. Publishing services by Elsevier B.V. on behalf of KeAi Communications Co. Ltd. This 
is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc- 

nd/4.0/).

1. Introduction

As global energy demand continues to rise, the development of 
offshore oil and gas resources has become a crucial component of 
the energy industry (Chen et al., 2025), particularly in the deep
water and ultra-deepwater field  exploitation. However, in these 
harsh environments, the formation of gas hydrates poses a serious 
threat. Gas hydrates are solid structures composed of natural gas 
molecules and water under high-pressure (Liu et al., 2023; Li et al., 
2025), low-temperature conditions (Meng et al., 2024), resembling 
ice in appearance (Wei et al., 2024). The environmental conditions 

in deepwater pipelines are highly conducive to hydrate formation 
(Xin et al., 2025), which can lead to blockages that disrupt oil and 
gas transport, increasing operational risks and costs. This phe
nomenon not only damages equipment but also creates potential 
safety hazards, posing significant  challenges to oil and gas pro
duction (Aman, 2021; Sun et al., 2022; Wei et al., 2025; Yu et al., 
2025).

To prevent hydrate blockage, the oil and gas industry widely 
employs thermodynamic hydrate inhibitors (THIs) (Li et al., 2024), 
such as methanol (MeOH) and monoethylene glycol (MEG), are the 
most common due to their operational simplicity and proven 
effectiveness, particularly in long-distance pipelines and deep
water fields  (Brustad et al., 2005; Nasir et al., 2020; Alavi and 
Sharifzadeh, 2024; Kashish et al., 2024). THIs suppress hydrate 
formation by shifting the thermodynamic equilibrium conditions. 
However, large-scale use involves significant chemical consump
tion, high storage and transportation costs, and potential envi
ronmental risks. Typical MeOH or MEG injection rates range from 
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20% to 50% of the aqueous phase mass, with additional safety 
margins often applied to ensure flow  assurance (Huang, 2011; 
Sahari Moghaddam et al., 2022; Bakhtyari et al., 2024; Costa do 
Nascimento et al., 2025). Moreover, the effectiveness of THIs is 
highly sensitive to flow  conditions, terrain variations, and the 
distribution of water content along the pipeline, often leading to 
uneven inhibitor dispersion and localized failure. Although low- 
dosage hydrate inhibitors (LDHIs) have been applied in certain 
scenarios (Javanmardi et al., 2024), such as green and low-dosage 
kinetic hydrate inhibitors derived from biomass or agricultural 
waste (Oyefunke Olarinoye et al., 2024), THIs remain the main
stream solution in complex deepwater systems. A key challenge is 
therefore to optimize THIs injection volumes and spatial distri
bution, ensuring effective hydrate prevention while minimizing 
chemical overuse and associated costs.

Research on inhibitor tracking algorithms remains limited. 
However, since inhibitors are simply one component of the flow
ing mixture, their transport can be modeled using compositional 
tracking approaches. Prior work on compositional tracking has 
focused mainly on natural gas pipeline simulation and typically 
adopts transient formulations. Guandalini et al. (2017)simplified 
the momentum equation and solved a single pipeline transient 
hydraulics problem, proposing an energy-based (rather than 
volumetric) formulation for pipeline flow analysis. Chaczykowski 
and Zarodkiewicz (2017) employed a similar strategy to track the 
calorific value parameter under transient conditions and accoun
ted for temperature variations by solving the energy equation. 
Chaczykowski et al. (2018) further introduced the compositional 
transport equation to analyze species migration in a single pipe. 
Fan et al. (2021) proposed a finite volume, network-scale compo
sitional tracking method using a discrete solution approach with a 
first-order upwind scheme, which performs well when composi
tions remain stable. Bermúdez and Shabani (2022) combined 
second-order finite element thermohydraulic simulation with a 
first-order  explicit method of characteristics for composition 
tracking, significantly  improving computational efficiency, albeit 
with limitations in adaptivity and time-step selection.

In addition, current compositional tracking methods can 
accurately calculate changes in components along their path, but 
most research has focused on natural gas components. As a special 
component, inhibitors are distributed across all three phases—gas, 
oil, and water. Under steady-state conditions, employing three- 
phase flash calculations enables the precise determination of in
hibitor distribution. In current commercial software (such as 
OLGA), although the built-in phase equilibrium software Multi
flash  is incorporated, the inhibitor tracking module does not 
include rigorous three-phase flash calculations.

The steady-state tracking of inhibitors primarily involves 
calculating fluid flow characteristics within the pipeline and the 
corresponding inhibitor distribution. Research on the flow char
acteristics of gas-liquid two-phase pipelines is relatively mature 
(Ovadia, 2006), so in inhibitor tracking simulations in this 
research, the focus is on predicting the inhibitor distribution after 
injection. This paper employs multiphase flash calculations as the 
method for predicting inhibitor distribution. This approach, 
grounded in thermodynamic principles, accurately accounts for 
the distribution of substances across phases, offering higher pre
cision and broader applicability. Unlike empirical methods and 
data models, multiphase flash  calculations exhibit stable and 
reliable characteristics while requiring a reduced volume of data.

Epelle et al. (2021) compared various equations of state (EoS) 
for inhibitor distribution in hydrate systems, identifying the most 
accurate method. They (Epelle et al., 2020) used the Huron-Vidal 
rule and SRK equation for MEG and MeOH concentrations, with 
errors under 5%. Folas et al. (2007) used the CPA equation for MEG, 

achieving high accuracy. These studies confirm the effectiveness of 
multiphase flash  calculations. These studies confirm  the effec
tiveness of multiphase flash calculations.

Therefore, based on a multiphase flash calculation model, this 
study proposes a flexible and comprehensive steady-state simu
lation model that integrates multiphase flow hydraulics, thermal 
calculations, and thermodynamic phase equilibrium analysis. A 
new method is developed to predict the spatial distribution of 
hydrate inhibitors (e.g., MeOH and MEG) in long-distance multi
phase pipelines. While current research offers various solutions for 
inhibitor tracking, many existing approaches rely on fixed internal 
model couplings, empirical assumptions, or require fully transient 
simulations. In contrast, the method presented in this work fea
tures a modular architecture, allowing the substitution of any 
steady-state pressure drop model, temperature model, or EoS. 
Moreover, multiphase flash  calculations are performed under 
steady-state conditions to enable physically consistent and accu
rate prediction of inhibitor distribution across phases. Compared 
to existing empirical or data-driven methods, this model improves 
the reliability of inhibitor distribution prediction, enhances 
adaptability to diverse flow conditions, and maintains computa
tional efficiency  suitable for engineering design and analysis. It 
should be noted that, compared to the static sub-function substi
tution employed in traditional methods, our model framework 
offers a more flexible structure through modular design, enabling 
dynamic adjustment of individual components according to spe
cific  circumstances. Whereas conventional approaches are often 
constrained by predetermined computational structures, our 
model flexibly integrates diverse pipeline flow models and flash 
calculation models. This enables it to deliver more precise and 
applicable solutions across varying topographies, environmental 
conditions, and operational modes. Such adaptability not only 
enhances the model’s versatility but also amplifies its potential for 
application in complex scenarios.

2. Calculation model for hydrothermal and phase 
equilibrium

The steady-state inhibitor tracking model developed in this 
study comprises two main parts, the first  involves the establish
ment of a coupled hydrothermal model, including the hydraulic 
model, the thermal model, and their integration. The second fo
cuses on the development of the multiphase steady-state pipeline 
inhibitor tracking model, encompassing the establishment of the 
multiphase pipe-section model, the simulation algorithm, and the 
flash calculation module.

2.1. Model assumptions

To ensure the model’s validity and applicability, we have made 
certain assumptions within the model. These assumptions 
simplify the complexity of the actual system and render the 
computational process more efficient.

1) The pipeline is operating under steady-state flow conditions.
2) All heat transfer phenomena in the pipeline are set as a total 

heat transfer coefficient.
3) The pipeline is divided into several small pipe sections during 

calculation. The inlet and outlet pressure and temperature of 
each small section are calculated using steady-state hydraulic 
and thermal models, with the outlet conditions of the upstream 
section serving as the inlet conditions for the downstream 
section. This approach is referred to as a marching algorithm 
(Brill and Mukherjee, 1999). For output purposes, the average 
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pressure and temperature of each section are taken as its 
output results.

4) Within each pipe section, a flash calculation is performed using 
average temperature and pressure to determine the fluid phase 
distribution and thermophysical properties.

5) When performing hydraulic calculations on pipelines, it is 
assumed that the liquid phase within the pipeline consists of a 
stable oil-water emulsion. For flash calculations, a three-phase 
gas-oil-water flash model is employed.

6) The local mechanical energy loss caused by changes in pipeline 
inclination can be considered negligible compared to the fric
tion loss along the pipeline.

2.2. Hydrothermal model

2.2.1. Hydraulic calculation model
In the calculation of pressure distribution in multiphase flow 

pipes, various models have been proposed to deal with complex 
flow conditions (Li et al., 2026). Common models include the Drift- 
Flux model (Wallis, 2020), the Lockhart-Martinelli model 
(Lockhart, 1949), the Taitel-Dukler model (Taitel and Dukler, 1976), 
and the Beggs-Brill model (Beggs and Brill, 1973), each of which 
has its own applicable scenarios and limitations. The Drift-Flux 
model describes gas-liquid phase slip velocity well, especially for 
stratified  flows in large pipes, but its accuracy decreases for 
complex patterns like annular flows. The Lockhart-Martinelli 
model, effective for horizontal two-phase flow  pressure predic
tion, struggles with inclined pipes and complex flow patterns due 
to limited flow  pattern consideration. The Taitel-Dukler model 
predicts gas-liquid flow transitions well but is hindered by com
plex flow determination and high computational costs. In contrast, 
the Beggs-Brill model offers flexible empirical correlations, 
handling multiphase flows in inclined and horizontal pipes 
effectively, with accurate pressure distribution predictions under 
steady-state conditions through liquid volume fraction and fric
tional pressure estimation.

However, the Beggs-Brill model, though widely used, has 
limited accuracy in steep inclinations and complex flow regimes, 
such as slug or annular flow, due to its reliance on discrete flow 
pattern maps and empirical correlations.

To overcome these limitations, several improved models have 
been developed. The Mukherjee-Brill model (Mukherjee and Brill, 
1985) extends the Beggs-Brill model using a larger experimental 
dataset and refined correlations, enhancing prediction accuracy in 
inclined and vertical pipes. The Unified mechanistic model (Zhang 
et al., 2003), grounded in conservation equations and continuous 
formulations, avoids explicit flow  regime switching and ensures 
better physical consistency in complex terrain or flow transitions.

In this study, the Beggs-Brill model is chosen as the baseline 
due to its simplicity, computational stability, and broad industrial 
adoption under steady-state conditions. Notably, the proposed 
inhibitor tracking model is modular and supports substitution of 
different steady-state flow models, enabling flexible adaptation to 
various pipeline geometries and terrain complexities. To illustrate 
this flexibility, sensitivity analyses employing the Mukherjee-Brill 
and Unified models are conducted and discussed in Section 3.3.

(1) Derivation of pressure distribution equation (Beggs and 
Brill, 1973)

For fluid flow calculations, an energy balance equation can be 
applied. Assuming steady-state conditions and no external work 
on or by the fluid, the differential form of the mechanical energy 
balance equation is given by: 

dP
ρ
+ gdH+udu+d

(
Wf

)
=0 (1) 

where P is pressure, in Pa; ρ is fluid density, in kg/m3; g is gravi
tational acceleration, in m/s2; H is elevation, in m; u is velocity, in 
m/s; d(Wf) represents the irreversible frictional losses, in m2/s2. 
For flow along an inclined pipe, the vertical distance moved is: 

dH = sin θ dL (2) 

where θ is the angle of the pipe from the horizontal, in degrees; L is 
the axial distance along the pipe, in m. Substituting this into the 
energy balance equation, we obtain: 

dP
dL

= −

[

gρ sin θ+ ρu
du
dL

+ ρ
d
(

Wf

)

dL

]

(3) 

Thus, the pressure gradient can be viewed as consisting of three 
components: 

−
dP
dL

= Fel + Facc + Ff (4) 

This indicates that the total pressure gradient is the sum of the 
pressure losses due to changes in potential energy, kinetic energy, 
and friction.

For the friction pressure distribution: 

Ff =
f ρu2

2d
(5) 

where f is the friction factor, and d is the pipe diameter, in m.
The acceleration term, representing changes in kinetic energy, 

is often negligible for most practical cases. The mixture velocity 
can be expressed as the sum of the liquid and gas phase 
velocities: 

u=
GL
ρL

+
Gg

ρg
(6) 

where GL and Gg are the mass flux  rates of the liquid and gas 
phases, in kg/(s⋅m2); ρL and ρg are their respective densities, in kg/ 
m3. The acceleration pressure gradient is then given by: 

Facc = ρu
du
dL

= ρu
[

d
dL

(
GL

ρL

)

+
d
dL

(
Gg

ρg

)]

(7) 

Since gas is much more compressible than liquid, it can be 
approximated that: 

d
dL

(
GL

ρL

)

≈ 0 (8) 

Thus, the acceleration pressure gradient is primarily influenced 
by the gas phase: 

Facc ≈ ρu
d
dL

(
Gg

ρg

)

= ρu

⎡

⎢
⎣

d
dL

(
Gg

)

ρg
−

Gg

ρ2
g

d
dL

(
ρg
)

⎤

⎥
⎦ (9) 

It can be assumed that the change in gas mass flux  is much 
smaller than the change in gas density: 

d
dL

(
Gg

)
≪

Gg

ρ2
g

d
dL

(
ρg
)

(10) 

The rate of change in gas density is then approximated using 
the real gas law as: 
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d
dL

(
ρg
)
=

d
dL

(
pMw

zgRT

)

=
M

zgRT
dp
dL

+
p

zgRT
dMw

dL
−

Mwp
z2

gRT
dzg

dL
−

Mwp
zgRT2

dT
dL

= ρg

(
1
p

dp
dL

+
1

Mw

dMw

dL
−

1
zg

dzg

dL
−

1
T

dT
dL

)

(11) 

where zg is gas compressibility factor; Mw is molecular weight, in 
g/mol; T is temperature, in K.

Neglecting the smaller terms: 

1
Mw

dMw

dL
−

1
zg

dzg

dL
−

1
T

dT
dL

≪
1
p

dp
dL

(12) 

We arrive at the simplified  form of the acceleration pressure 
gradient: 

Facc = − ρu
Gg

ρ2
g

d
dL

(
ρg
)
= − ρu

Gg

ρ2
g

ρg

p
dp
dL

= −
ρuusg

p
dp
dL

(13) 

The pressure gradient due to elevation change is given by: 

Fel = gρ sin θ (14) 

To account for both phases, the mixture density is calculated 
using the liquid holdup HL (Beggs and Brill, 1973): 

ρ= ρLHL + ρg(1 − HL) (15) 

Thus, the elevation pressure gradient can be written as: 

Fel = g
[
ρLHL + ρg(1 − HL)

]
sin θ (16) 

By combining the frictional, acceleration, and elevation terms, 
the total pressure gradient equation is: 

−
dP
dL

= gρ sin θ +
fGu
2d

−
ρuusg

p
dP
dL

(17) 

where usg represents superficial gas velocity, in m/s.
Based on the aforementioned derivation process, the final form 

of the pressure gradient equation can be expressed as: 

−
dP
dL

=
g
[
ρLHL + ρg(1 − HL)

]
sin θ +

fGu
2d(

1 −
[ρLHL+ρg(1− HL)]uusg

p

) (18) 

The flow pattern classification  and inclination correction fac
tors are not elaborated here, and can be referred to in the original 
Beggs-Brill model (Beggs and Brill, 1973) reference.

(2) Closure relation

In Beggs-Brill model, the friction factor f is given by: 

f
fns

= eS (19) 

where e is natural constant; fns is the no-slip friction factor S is 
given by: 

S =
ln y

− 0:0523 + 3:18 ln y − 0:8725(ln y)2
+ 0:01853(ln y)4

y =
λ

H2
L

(20) 

λ=
qL

qL + qg
(21) 

where λ is input liquid content. q is in-situ volumetric flow rate, in 
m3/s. When 1 < y < 1.2, S = ln (2.2y − 1.2).

The no-slip friction factor fns is given by: 

fns =

[

2 lg
(

NRens

4:5223 lg NRens − 3:8215

)]− 2
(22) 

where 

NRens =

[
ρLλ + ρg(1 − λ)

]
ud

μLλ + μg(1 − λ)
(23) 

where μL is liquid viscosity and μg is gas viscosity, in Pa⋅s; NRens is 
the Reynolds number.

In hydraulic calculations, the liquid phase represents an oil- 
water mixture. Therefore, when using hydraulic models for 
computation, the parameters of the oil phase and water phase 
must be combined into a single phase. The mixing rules employed 
in this paper are as follows.

For density, the commonly used volume fraction mixing rule is 
applied. 

ρL = ρoVf;o + ρwVf;w (24) 

where, ρo and ρw denote the densities of the oil phase and water 
phase, respectively, and Vf represents the volume fraction, and the 
detailed formula is provided in the Supplementary data. ρL is the 
density of the liquid phase after mixing.

For viscosity, the Katti-Chaudhri (Katti and Chaudhri, 1964) 
mixing rule is employed. 

ln(μLVL) = xoln(μoVo) + xwln(μwVw) (25) 

VL = xoVo + xwVw (26) 

where, xo and xw denote the molar fractions of the oil phase and 
water phase, respectively. Vo and Vw denote the molar volumes of 
the oil phase and water phase, respectively. μo and μw denote the 
viscosities of the oil phase and water phase, respectively. μL de
notes the viscosity of the mixed liquid phase. VL denotes the vol
ume of the mixed liquid phase.

2.2.2. Thermal model
The temperature distribution calculation employs the widely 

recognized multiphase flow  pipeline temperature distribution 
formula (Yu et al., 2000), taking into account the Joule-Thomson 
effect: 

Te =( Ta + B )+ ( Ts − Ta − B )e− AL

− Di
Xwgcpg

cp

(
Ps − Pe

AL

)(
1 − e− AL

)
(27) 

A =
kπD
Mcp

; B =
ig
(
1 − xwg

)

Acp
(28) 

in the equation, Ts and Te represent the temperatures at the starting 
and ending points of the pipeline section, respectively, in K; Ps and 
Pe are the pressures at the starting and ending points of the pipeline 
section, respectively, in Pa; Ta is the ambient temperature, in K; L is 
the axial distance along the pipe, in m; Xwg is the gas-phase mass 
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fraction; k is the overall heat transfer coefficient, in W/(m2⋅K); Di is 
the Joule-Thomson coefficient, in K/Pa, and the detailed formulas 
are provided in the Supplementary data; Cpg is the specific heat 
capacity of the gas at constant pressure, in J/(kg⋅K); Cp is the specific 
heat capacity of the mixture at constant pressure, also in J/(kg⋅K); M 
is the mass flow rate of the gas-liquid mixture, in kg/s; and i is the 
hydraulic gradient of the liquid, in m/m. 

i=
Ps − Pe

g × ρL × L
(29) 

Due to the fluctuations  in terrain that can lead to changes in 
liquid holdup, to ensure that the calculation results align with 
reality, the effect of liquid holdup variation on temperature dis
tribution is taken into account. The specific heat calculation for
mula is as follows (Yu et al., 2000): 

cp = [1 − HL( θ ) ] × cpg + HL( θ ) × cpL (30) 

in the equation, HL (θ) represents the liquid holdup at an inclina
tion angle of θ, in degrees; CpL is the specific heat capacity of the 
liquid at constant pressure, measured in J/(kg⋅K).

2.2.3. Coupled hydrothermal modeling
As evident from the temperature distribution calculation for

mula, the inlet and outlet pressures of the pipeline section are 

known parameters. When the pipeline section temperature 
changes, the calculated properties of the gas and liquid phases also 
change, which in turn affects the calculation of the pressure dis
tribution across the section. Therefore, temperature indirectly in
fluences  the pressure distribution calculation (Zhang, 2014), 
necessitating a coupled temperature and pressure calculation.

The computational flow of the hydraulic and thermal coupling 
model is shown in Fig. 1.

As shown in Fig. 1, the calculation steps for hydrothermal 
coupling are as follows:

1) For each pipeline section, initial estimates of pressure drop ΔP 
and temperature drop ΔT are assumed. These are used to 
compute the outlet pressure Pe and outlet temperature Te, fol
lowed by the section’s average pressure Pavg and temperature 
Tavg.

2) A three-phase flash calculation is performed at Pavg and Tavg to 
obtain fluid  thermophysical properties. These are used to 
determine the flow  regime, liquid holdup, inclination correc
tion factor, and the friction factor.

3) Using the obtained parameters, the pressure and temperature 
drop equations are applied to calculate updated values ΔP and 
ΔT.

4) The calculated values are compared with the initial estimates. If 
the differences are within specified  tolerances, the iteration 

Inputting basic data

Assuming the calculation of pressure drop ΔP0 and temperature drop ΔT0 in a pipe section, calculate
the outlet pressure Pe and outlet temperature Te

Calculate the average pressure Pavg and temperature Tavg of the pipe
section

Flash calculation: calculate fluid thermophysical properties at Pavg  and Tavg

Determine flow pattern, calculate liquid holdup and inclination angle correction factor

Calculate resistance factor f

Use the pressure drop equation to calculate pressure drop ΔP and the temperature drop
equation to calculate temperature drop ΔT

|ΔP − ΔP0| < ɛ1

|ΔT − ΔT0| < ɛ2

Obtain section pressure, temperature, fluid thermophysical properties

ΔP0 = ΔP
ΔT0 = ΔT

Y

N

Fig. 1. Flow chart of hydraulic and thermal coupling calculation of pipe section.
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converges and the section’s results are stored; otherwise, the 
estimates are updated and the procedure repeats.

A detailed description of the flash  method can be found in 
Section 2.2.2.

2.3. Multiphase pipeline inhibitor tracking simulation

2.3.1. Multiphase flow pipeline modeling
Fig. 2 illustrates the schematic diagram of the control volume 

model used in this paper. The fluid within a ΔL pipeline section is 
taken as the control volume, where the fluid  flows in from up
stream, subsequently moving towards the downstream of the 
control volume. The fluid within the pipeline comprises a three- 
phase mixture of oil, gas, and water.

In the model, the pipeline is first discretized into grids, with the 
upstream node of the control volume indexed as n− 1, the down
stream node indexed as n. x represents the mole fraction of any 
component and Q represents the flow rate.

The overall calculation process is as follows:

(1) Input the basic data, encompassing: fluid  pressure, tem
perature, composition, and mass flow  rate at the pipeline 
inlet; pipeline diameter, wall thickness; mileage and 
elevation along the pipeline route; ambient temperature; 
overall heat transfer coefficient; and other relevant param
eters. Determine the number of pipeline sections No, section 
length ΔL, initial pressure Ps at the starting point of the inlet 
section, and temperature Ts, serving as pipeline inlet 
conditions.

(2) Initially, assume the pressure drop ΔP0 and temperature 
drop ΔT0 for the first zone to derive Pe, Te, Pavg and Tavg of the 
whole zone. Based on these average values, determine pa
rameters such as mole fraction, mass fraction, density, vis
cosity, and surface tension for the oil, gas, and water phases 
using the flash calculation model.

(3) Next calculate the zones after the first  pipe section, using 
the pressure and temperature at the outlet of the previous 
pipe section as the inlet pressure and temperature of the 
calculated section, with the remaining calculations being 
the same as in step (2).

(4) Using the parameters obtained from step (2), the pressure 
drop ΔP and temperature drop ΔT are calculated by the 
thermohydraulic model. Then, it is determined whether the 
conditions |ΔP− ΔP0| < ε1 and |ΔT− ΔT0| < ε2 hold true. If they 

do, proceed to the next step; if not, set ΔP0 = ΔP and 
ΔT0 = ΔT, and return to step (3).

(5) After calculating the temperature and pressure of the 
pipeline, determine the fluid composition within each pipe 
section, and then the distribution of the inhibitor compo
nents in the three phases is obtained from the results of the 
flash calculations.

(6) If n > No holds true, proceed to the next step; otherwise, set 
n = n + 1, use the endpoint conditions of the previous 
pipeline section as the starting conditions for the next sec
tion, and return to step (2). Loop the calculation to the last 
pipe section, end the calculation and output the result.

The overall simulation flow is shown in Fig. 3.

2.3.2. Inhibitor tracking simulation
In the study of phase behavior of petroleum fluids, multiphase 

flash calculations are usually performed using cubic type EoS (Lei 
et al., 2025). In this paper, the gas-liquid phase distribution pre
diction of natural gas condensate is carried out using the well- 
adapted PR (Peng-Robinson) EoS (Peng and Robinson, 1976), 
which can be expressed as: 

p=
RT

V − b
−

a
V(V + b) + b(V − b)

(31) 

where a and b are two characteristic parameters. For a pure sub
stance consisting of a single component, a and b can be found 
directly in the reference (Tianmin, 2002); for a mixture consisting 
of multiple components, a and b are derived from the parameters 
of the individual components that make up the fluid according to a 
specific  mixing rule. For mixtures, HuronVidal mixing rule is 
adopted. The HuronVidal mixing rule introduces excess Gibbs 
energy from activity coefficient models into the EoS, significantly 
improving the accuracy of liquid-phase non-ideality predictions, 
especially for highly non-ideal and polar systems (Huron and 
Vidal, 1979).

For a given composition, temperature, and pressure, multi
phase flash calculation must satisfy the following conditions.

The fugacity of each component must be equal in all coexisting 
phases (Chen et al., 2024): 

F1
i = F2

i = ⋯ = FNP
i ; i = 1;⋯;NC (32) 

where F is fugacity, in Pa.

n - 1

n

Pn-1, Tn-1

Gas

Oil

Water

θ

xgas,i,n-1 Qgas,i,n-1

xoil,i,n-1 Qoil,i,n-1

xwater,i,n-1 Qwater,i,n-1

xgas,i,n Qgas,i,n

xoil,i,n Qoil,i,n

xwater,i,n Qwater,i,n

Δx

Pn-1, Tn-1

Fig. 2. Schematic diagram of pipe section model.
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The phase fractions within the system must satisfy overall 
phase fraction conservation: 

∑NP

j=1

αj =1 (33) 

Component-wise material balance must be satisfied across all 
phases: 

∑NP

j=1

cj
iα

j = zi; i = 1;⋯;NC (34) 

∑NP

i=1

cj
i = 1; j = 1;⋯;NP (35) 

The phase with the highest density is selected as the reference 
phase (denoted as NP*), and equilibrium constants are defined 
accordingly: 

Kj
i =

cj
i

cNP*
i

=
ΦNP*

i

Φj
i

; i = 1;⋯;NC; j = 1;⋯;NP (36) 

Based on the above definition, the distribution expressions for 
each component in all phases, including the reference phase NP*, 
can be formulated accordingly: 

cj
i =

ciK
j
i

1 +
∑NP− 1

l=1
αl
(

Kl
i − 1

); i = 1;⋯;NC; j = 1;⋯;NP (37) 

By combining the above equations and eliminating the refer
ence phase, a unified  material balance expression for the distri
bution of each component across all phases can be derived, 
commonly known as the Rachford-Rice (R-R) equation: 

Inputting basic data

Determine starting pressure P0, temperature T0, pipe section length ΔL,
number of pipe sections No, simulation duration T

n = 1

n > No

Output results

n = n + 1

Using Pe and Te as starting conditions
for the next tube section

Y

Y

N

Update components

Flash calculation

Hydraulic and thermal coupling calculation
of pipe section (Fig. 1)

Fig. 3. Steady-state inhibitor tracking calculation flow chart.
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∑NC

i=1

ci

(
Kj

i − 1
)

1 +
∑NP − 1

l=1
αl
(

Kl
i − 1

) = 0; j = 1;⋯;NP (38) 

The convergence condition is: 

r=
∑NP

j=1

∑NC

i=1

[
Fj

i

FNP*
i

− 1

]2

≤ 10− 12 (39) 

where, Fj
i denotes the fugacity of component i in phase j; Фj

i is the 
fugacity coefficient of component i in phase j; α j represents the 

phase fraction of phase j; cj
i is the mole fraction of component i in 

phase j; Kj
i is the equilibrium constant of component i between 

phase j and the reference phase NP*, defined as the mole fraction 

ratio cj
i/F

NP*
i ; zi denotes the feed amount of component i; r is the 

residual used for convergence checking of the flash iteration (Jing, 
2020); and NP is the total number of phases.

In summary, the multiphase flash  calculation procedure 
adopted in this study is as follows:

1) Calculate the initial value of the equilibrium constant and the 
initial phase fractions are assumed to be uniformly distributed 
as 1/NP;

2) The Rachford-Rice equation (Eq. (34)) is solved using the 
optimization algorithm proposed by Okuno (Okuno et al., 
2010);

3) Phase compositions are updated using Eq. (33);
4) Fugacity coefficients  and fugacities of each component in all 

phases are calculated using the PR-HuronVidal EoS;
5) The fugacity equilibrium criterion is evaluated using Eq. (35). If 

the convergence criterion is met, the iteration terminates and 
the phase equilibrium result is obtained. Otherwise, the equi
librium constants are updated based on fugacity coefficients 
(Eq. (32)), and the process returns to step 2 for further iteration 
until convergence is achieved according to Eq. (35).

It should be noted that although this paper establishes a 
steady-state inhibitor tracking model, it can still track changes in 
inhibitor concentration in the aqueous phase. First, the hydro
thermal field (pressure and temperature profiles) and the steady 
flow variables (e.g., liquid holdup and phase volumetric fractions) 
are treated as time-invariant, while the overall composition in 
each pipe section is updated in time to represent the convection- 
dominated propagation of an inlet composition change. When the 
fluid composition at the inlet first enters or changes, the overall 
fluid composition within the pipeline will undergo alteration. To 
calculate this change and more accurately determine the inhibitor 
distribution during steady-state conditions, the following 
computational method is employed in this paper.

(1) Definition of a composition-switching factor.

When the inhibitor concentration changes at time ts, let zold and 
znew denote the overall inlet composition vectors before and after 
an inhibitor dosage change, respectively. For pipe section n, a 
composition-switching factor sn(t) ∈ [0,1] is defined, where sn = 0 
indicates that the section still contains the “old” composition and 
sn = 1 indicates full replacement by the “new” composition. The 
time grid is tm = mΔt. The inlet boundary value is as Eq. (40). 

sm
in =

{
0; tm < ts
1; tm ≥ ts

(40) 

(2) Composition update in each section.

For section n, the in-situ aqueous holdup volume and aqueous 
volumetric flow  rate under the steady flow  field  are defined  as 
Eq. (41). 

Uw;n = AcΔLVf;w;n; qw;n =
_mw;n

ρw;n
; (41) 

where Uw,n is aqueous volume in section n, Ac is the cross-sectional 
area, ΔL is the section length, Vf,w,n is the aqueous volume fraction 
in section n, _mw,n is the aqueous mass flow  rate, and ρw,n is the 
aqueous density. The fraction of the section replaced within one 
time step is as Eq. (42). 

ξn =min
(

1;max
(

0;
qw;nΔt

Vw;n

))

(42) 

The switching factor is marched in time as Eq. (43). 

Table 2 
Inlet fluid components (MeOH mass fraction 50% in aqueous phase).

Components mol%

H2O 2.185
N2 1.092
CO2 0.152
C1 83.277
C2 5.614
C3 2.479
iC4 0.579
nC4 0.779
iC5 0.342
nC5 0.218
nC6 0.256
nC7 0.434
nC8 1.052
nC9 0.232
nC10 0.061
nC11 0.021
MeOH 1.228

Table 1 
Inlet fluid components (MeOH mass fraction 30% in aqueous phase).

Components mol%

H2O 2.200
N2 1.100
CO2 0.153
C1 83.868
C2 5.654
C3 2.497
iC4 0.584
nC4 0.784
iC5 0.344
nC5 0.220
nC6 0.258
nC7 0.437
nC8 1.059
nC9 0.233
nC10 0.060
nC11 0.020
MeOH 0.527

Table 3 
Elevation and distance along the pipeline.

Distance, m 0 2000 4000 6000 8000
Elevation, m 0 350 210 490 280
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sm+1
1 = (1 − ξ1)s

m
1 + ξ1sm

in

sm+1
n = (1 − ξn)s

m
n + ξnsm

n− 1; n = 2;…;N
(43) 

Notably, when the change does not traverse an entire section 
within one time step (ξn < 1), only partial replacement occurs and 
sn increases gradually rather than switching instantaneously.

(3) Time-dependent overall composition in each section.

The overall composition vector in section n at time tm is 
reconstructed by linear mixing as Eq. (44). 

zm
i;n =

(
1 − sm

n
)
zold

i + sm
n znew

i (44) 

(4) Flash closure for inhibitor partitioning (performed only 
where composition changes).

Given the steady average pressure and temperature (Pavg,n, 
Tavg,n) of each pipe section, a three-phase flash  calculation is 
performed using zm

n as the feed to obtain phase fractions and 
phase compositions, from which the inhibitor mole fraction in the 
aqueous phase is extracted. Since flash calculations are the most 
time-consuming part, they are only recomputed for sections in 
the transition zone. For sections where sm

n is sufficiently close to 
0 or 1, the corresponding steady flash results using zold or znew are 
reused.

(5) Time-step selection.

To ensure numerical stability and physical consistency of the 
upwind update, the time step is chosen to satisfy ξn ≤ 1 for all 
sections, i.e., Δt ≤ minn (Uw,n/qw,n). In practical calculations, a 
smaller Δt can be selected to better resolve sharp composition 
fronts.

3. Results and discussion

In engineering practice, the mass concentration of thermody
namic inhibitors as hydrate inhibitors is generally 20%–50% 
(Huang, 2011). Two mass concentrations of 30% and 50% are cho
sen for the calculations in this paper.

The examples used in this part are typical components in deep- 
sea oil and gas fields,  which can reflect  the phase behavior and 
flow  characteristics of fluids  in deep-sea environments, and are 
suitable for the study of hydrate inhibition under high-pressure 
and low-temperature conditions in the deep sea.

3.1. Case details

(1) Simulation Case 1

In simulation example 1, the specific  parameters include 
pipeline inlet fluid  pressure, temperature, component composi
tion, mass flow rate, pipeline diameter, internal diameter, eleva
tion profile along the pipeline, ambient temperature, total heat 
transfer coefficient, and other key factors. Additionally, MeOH is 
present in the aqueous phase with mass fractions of 30% and 50%, 

respectively. The detailed values for these parameters are pre
sented in Tables 1–4.

(2) Simulation Case 2

Without altering the other parameters of the pipeline, the 
MeOH in the inlet fluid composition is replaced with MEG, with 
mass fractions in the aqueous phase of 30% and 50%, respectively. 
The detailed data for these cases are presented in Tables 5 and 6.

3.2. Comparative analysis of results

(1) Simulation Case 1

Figs. 4 and 5 compare the distribution of pressure, temperature, 
and inhibitor concentration obtained by this model and OLGA 
along the pipeline for MeOH mass fractions of 30% and 50%, 

Table 6 
Inlet fluid components (MEG mass fraction 50% in aqueous phase).

Components mol%

H2O 2.303
N2 1.097
CO2 0.153
C1 83.645
C2 5.639
C3 2.490
iC4 0.584
nC4 0.785
iC5 0.345
nC5 0.220
nC6 0.259
nC7 0.438
nC8 1.060
nC9 0.234
nC10 0.060
nC11 0.020
MEG 0.667

Table 5 
Inlet fluid components (MEG mass fraction 30% in aqueous phase).

Components mol%

H2O 2.311
N2 1.101
CO2 0.154
C1 83.965
C2 5.660
C3 2.500
iC4 0.586
nC4 0.788
iC5 0.346
nC5 0.221
nC6 0.260
nC7 0.439
nC8 1.064
nC9 0.235
nC10 0.061
nC11 0.020
MEG 0.288

Table 4 
Pipe parameters.

Inner diameter, 
m

Diameter, 
m

Inlet temperature, 
K

Inlet pressure, 
MPa

Mass flow 
rate, kg/s

Ambient 
temperature, K

Total heat transfer 
coefficient, W/(m2⋅K)

0.1337 0.154 306.15 9.962 4.726 277.15 2.28
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respectively. Both the 30% and 50% MeOH concentration simula
tions show consistent trends between the two models, though 
some discrepancies in specific values are observed.

For both MeOH concentrations (Figs. 4(a) and 5(a)), the pres
sure and temperature distribution at the outlet calculated by this 
work are slightly lower than those computed by OLGA. At a MeOH 
mass fraction of 30%, the average errors in pressure and temper
ature are 3.98% and 0.33%, respectively. At a MeOH mass fraction of 
50%, the average errors are 1.26% for pressure and 0.17% for tem
perature. In the middle section of the pipeline, the pressure trend 
calculated by this work aligns with OLGA’s results when ac
counting for elevation, though the overall pressure values are 
lower. This discrepancy arises from different modeling assump
tions: OLGA employs a two-fluid model and reaches steady-state 
results after convergence, while this work uses a simplified 
steady-state model, leading to more conservative pressure esti
mates along the pipeline.

Figs. 4 (b)–(d) and 5 (b)–(d) illustrate the inhibitor distribution 
in the gas, oil, and aqueous phases under both MeOH concentra
tions. The MeOH concentrations in the gas and oil phases calcu
lated by this work are higher than OLGA’s results, while the 
concentrations in the aqueous phase are lower. The discrepancies 
in MeOH concentration between the two models are 10.43% and 
8.66%, respectively. The discrepancy in inhibitor concentration in 
the aqueous phase primarily arises from the differences in how 
inhibitor distribution is modeled in this study compared to OLGA. 
Specifically, OLGA’s hydrate inhibitor tracking module does not 

consider the dissolution of hydrocarbon components into the 
aqueous phase, which can lead to an overestimation of inhibitor 
concentration in water. Moreover, OLGA determines component 
distribution based on pre-generated PVT tables, which are gener
ated by its built-in Multiflash  software but does not employ its 
phase equilibrium flash calculation module. Although the Multi
flash  software itself is capable of performing multiphase flash 
calculations, this functionality is not employed when calculating 
inhibitor distribution. In contrast, the present model applies a 
section-wise flash  calculation using the PR EoS with the Hur
onVidal mixing rule, enabling accurate and thermodynamically 
consistent prediction of inhibitor partitioning among all three 
phases. Overall, the MeOH concentration in the aqueous phase 
calculated by this work is more conservative, which offers greater 
safety in practical applications.

(2) Simulation Case 2

Figs. 6 and 7 compare the distribution of pressure, temperature, 
and inhibitor concentration in the pipeline for MEG mass fractions 
of 30% and 50%, respectively, as simulated by this work and OLGA. 
Overall, for both MEG concentrations, the calculation results from 
this work demonstrate better consistency in trend with OLGA 
compared to the MeOH inhibitor results.

Under the conditions of both MEG concentrations (Figs. 6(a) 
and 7(a)), for a 30% MEG mass fraction, the average error in 
pressure is 4.45%, and 0.38% for temperature. For a 50% MEG mass 
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Fig. 4. Comparison results at MeOH mass fraction 30%. (a) Pipeline pressure distribution and temperature distribution (MeOH mass fraction 30%). (b) Mole fraction of MeOH in 
vapor phase (MeOH mass fraction 30%). (c) Mole fraction of MeOH in oil phase (MeOH mass fraction 30%). (d) Mole fraction of MeOH in water phase (MeOH mass fraction 30%).
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fraction, the average errors are 3.58% for pressure and 0.41 % for 
temperature. In the middle section of the pipeline, however, the 
calculated results are lower than those of OLGA due to differences 
in modeling, though the overall trend remains consistent with 
OLGA’s calculations.

Figs. 6(b)–(d) and 7(b)–(d) illustrate the inhibitor distribution in 
the gas, oil, and aqueous phases under the two MEG concentra
tions. Although the molar fraction of MEG in the gas and oil phases 
calculated by this work is still higher than OLGA’s results, its 
significantly lower solubility in these phases compared to MeOH 
means its effect in practical pipeline applications can be dis
regarded. Therefore, focus should be placed on the molar fraction 
of MEG in the aqueous phase. The simulation results show that the 
distribution in the aqueous phase under both MEG concentrations 
differs from OLGA by only 0.02% and 0.11%, respectively, indicating 
a high level of consistency between the two models.

In summary, the proposed hydrate inhibitor tracking model 
was compared with the widely used OLGA software, focusing on 
the distribution of inhibitors such as MeOH and MEG along the 
pipeline. Both models showed similar trends in inhibitor distri
bution, indicating a strong overall agreement. However, for MeOH, 
a difference of approximately 10% was observed in the distribution 
calculations between the two models. While not particularly sig
nificant, this discrepancy is worth noting.

The source of this slight difference may be due to OLGA’s use of 
the Multiflash  phase equilibrium software, which handles gas- 
liquid phase equilibria differently from the flashing  calculations 

employed in our model. Although the overall trends are consistent, 
variations in phase behavior modeling and parameter settings 
could cause minor differences in MeOH phase compositions under 
specific pressure and temperature conditions.

In addition, OLGA’s built-in multiphase flow model is a highly 
detailed three-phase system that calculates oil, gas, and water 
flows in a given pipeline configuration.  In contrast, our model is 
derived based on the Beggs-Brill method, which may not achieve 
the same accuracy in some flow  regimes (e.g., stratified  or slug 
flow). These differences in flow modeling may account for the 10% 
difference in MeOH distribution, especially in areas where the flow 
transition is more pronounced.

Despite these minor differences, the overall agreement be
tween the two models confirms the reliability of the methodology 
presented in this paper. The 10% difference highlights areas for 
future improvements, such as refining the multiphase flow models 
and incorporating more detailed interphase behavior (e.g., phase 
transitions and interfacial dynamics (Qi et al., 2023; Song et al., 
2023). Addressing these aspects would further enhance the ac
curacy of inhibitor distribution predictions under varying pipeline 
conditions.

3.3. Sensitivity analysis

To evaluate the adaptability of the proposed steady-state in
hibitor tracking model, a series of sensitivity analyses are con
ducted. These analyses aim to quantify how variations in key 
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Fig. 5. Comparison results at MeOH mass fraction 50%. (a) Pipeline pressure distribution and temperature distribution (MeOH mass fraction 50%). (b) Mole fraction of MeOH in 
vapor phase (MeOH mass fraction 50%). (c) Mole fraction of MeOH in oil phase (MeOH mass fraction 50%). (d) Mole fraction of MeOH in water phase (MeOH mass fraction 50%).
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physical and model parameters affect the prediction of pressure, 
temperature, and inhibitor distribution along the pipeline. In 
particular, we focus on terrain configuration, external heat transfer 
conditions, and phase equilibrium algorithms, as they are closely 
linked to the thermal-hydraulic behavior of multiphase flow and 
the partitioning of inhibitors. The objective is to identify the 
dominant influencing  factors, assess the generalizability of the 
model under varying operational conditions, and provide guidance 
for model selection and parameter setting in practical 
applications.

3.3.1. Pipeline terrain variations
To evaluate the applicability of the steady-state model under 

different terrain conditions, we introduced two additional pipeline 
terrains. These include one with a steep slope and another with a 
riser. The detailed data are presented in the tables below.

The pipeline parameters remain consistent with cases in Sec
tion 3.1, and the fluid  composition is set as a 30% MeOH mass 
fraction in the aqueous phase. In the main modeling framework, 
the Beggs-Brill model is adopted for steady-state pressure drop 
calculations to align with mainstream industrial practices. How
ever, considering that the Beggs-Brill model has known limitations 
under certain flow  regimes, such as slug flow or highly inclined 
sections, we additionally introduce the Unified  model and the 
Mukherjee-Brill model in the sensitivity analysis. These models, 
which offer improved physical consistency and wider applicability, 

are used to compare and evaluate how different steady-state flow 
models affect the predicted inhibitor distribution. The results are 
presented in Fig. 8.

The Mukherjee-Brill model (Mukherjee and Brill, 1985) builds 
upon the Beggs-Brill model by modifying correlations for in
clined and vertical pipe sections. It enhances prediction accuracy 
under moderately inclined conditions and, compared to the 
Beggs-Brill model, performs better in handling flow pattern 
transitions, particularly in pulsating and annular flow  regimes. 
However, it still relies on empirical flow  pattern maps and 
discrete transitions.

The Unified  model (Zhang et al., 2003) is a mechanistic flow 
model based on continuous equations that can predict flow 
behavior under all flow regimes. It eliminates the need for manual 
switching between flow  patterns and ensures better physical 
consistency, especially in systems with large elevation changes or 
fluctuating gas-liquid ratios (GLRs). In this study, it is introduced in 
the sensitivity analysis to assess the impact of more advanced 
hydraulic models on the prediction of inhibitor distribution.

The computational results show that under the terrain condi
tions of Case 1 (pipe inclination less than 15◦), all three models 
produce results with small deviations from those calculated by 
OLGA. The average relative deviation along the pipeline for all 
three models is less than 3%, indicating that the Beggs-Brill, 
Mukherjee-Brill, and Unified models are well-suited for pipelines 
with mild terrain variation.
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Fig. 6. Comparison results at MEG mass fraction 30%. (a) Pipeline pressure distribution and temperature distribution (MEG mass fraction 30%). (b) Mole fraction of MEG in vapor 
phase (MEG mass fraction 30%). (c) Mole fraction of MEG in oil phase (MEG mass fraction 30%). (d) Mole fraction of MEG in water phase (MEG mass fraction 30%).
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Under the terrain conditions of Case 2 (pipe inclination of 45◦), 
the Beggs-Brill model still maintains the general trend seen in 
OLGA but exhibits a larger deviation, with an average relative error 
of 14.3%. In contrast, the Mukherjee-Brill and Unified  models 
maintain average relative errors below 2.5%, indicating that the 
Beggs-Brill model is no longer suitable for large-inclination 
scenarios.

In Case 3, which includes a vertical riser section, the average 
relative deviation between the Beggs-Brill model and OLGA is 7.0%, 
while the Mukherjee-Brill model shows a deviation of 1.3%, and 
the Unified model only 0.5%.

This sensitivity analysis demonstrates that different steady- 
state multiphase flow models lead to varying predictions of pres
sure distribution along the pipeline, which in turn affects phase 
equilibrium conditions and the resulting inhibitor distribution. For 
pipelines with relatively flat  terrain, the Beggs-Brill, Mukherjee- 
Brill, and Unified models can all reasonably reproduce the trends 
predicted by OLGA, with acceptable engineering accuracy. How
ever, in cases involving steep inclines or vertical risers, the Beggs- 
Brill model exhibits a significant  drop in accuracy, while the 
Mukherjee-Brill model offers moderate adaptability. The Unified 
model consistently aligns closely with OLGA across all terrain 
types. These results confirm that the proposed simulation model is 
flexible and compatible with different steady-state models and 
also indicate the importance of selecting an appropriate flow 
model based on terrain complexity to ensure reliable pressure and 
temperature predictions in engineering applications.

3.3.2. Ambient temperature and heat transfer coefficient variations
In steady-state pipeline simulations, external heat transfer 

conditions are key factors influencing  the temperature distribu
tion along the pipeline, thereby affecting local thermal conditions 
and phase equilibrium results obtained from flash  calculations. 
Common boundary parameters for thermal exchange include the 
overall heat transfer coefficient  and ambient temperature. This 
sensitivity analysis separately examines the effects of varying 
ambient temperature and overall heat transfer coefficient.

The pipeline parameters used in this section are consistent 
with cases in Section 3.1. The Unified  model, which has demon
strated broader applicability, is employed for the steady-state 
simulation. Since the temperature drop model used in this sec
tion is independent of pipeline inclination, only the terrain profile 
shown in Table 7 is considered for analysis (see Tables 8 and 9).

The ambient temperatures are set to 277.15, 285.15, and 
293.15 K, while the overall heat transfer coefficients are set to 1, 
2.28, and 5 W/(m2⋅K). The corresponding simulation results for 
temperature are shown in Figs. 9(a) and 10(a), and the MeOH 
concentration distribution in the aqueous phase is presented in 
Figs. 9(b) and 10(b).

The simulation results indicate that under the terrain profile of 
Case 1, the deviations between the calculated temperature results 
and those from OLGA are minor for both ambient temperature and 
heat transfer coefficient variations, with highly consistent trends. 
For ambient temperature changes, the average relative deviation 
along the pipeline under all three temperature settings is less than 
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Fig. 7. Comparison results at MEG mass fraction 50%. (a) Pipeline pressure distribution and temperature distribution (MEG mass fraction 50%). (b) Mole fraction of MEG in vapor 
phase (MEG mass fraction 50%). (c) Mole fraction of MEG in oil phase (MEG mass fraction 50%). (d) Mole fraction of MEG in water phase (MEG mass fraction 50%).
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1%, with a maximum absolute error of 1.86 K. Similarly, for changes 
in the heat transfer coefficient, the average relative deviation re
mains below 1%, and the maximum absolute error is 1.92 K. These 

results demonstrate that the temperature distribution model 
employed in this study is robust and applicable to different ther
mal boundary conditions.

As shown in Figs. 9(b) and 10(b), the predicted distributions of 
MeOH in the aqueous phase also closely match those computed by 
OLGA across all thermal conditions. As the temperature decreases, 
the vapor pressure of MeOH declines, resulting in a higher con
centration retained in the aqueous phase. Moreover, the deviations 
between our method and OLGA remain largely unaffected by 
variations in ambient temperature and heat transfer coefficient. 
This indicates that while temperature is a critical factor influ
encing inhibitor distribution, it is not the primary source of devi
ation between this study and OLGA results.

3.3.3. Flash module variations
To quantify the impact of equilibrium algorithm differences on 

prediction accuracy, we conducted a sensitivity analysis by 
comparing different flash  calculation modules from commercial 
software. Although variations in fluid composition can indeed in
fluence  the phase distribution of inhibitors, the steady-state in
hibitor distribution in this study is determined via multiphase 
flash calculations, which are highly dependent on the underlying 
phase equilibrium model. Therefore, rather than altering fluid 
composition, comparing different flash calculation modules offers 
a more direct and accurate means of evaluating the predictive 
performance and applicability of the thermodynamic algorithms 
themselves. This approach also highlights the structural robust
ness and sensitivity of the proposed model at the model level.

Accordingly, we selected PVTsim (Version: Nova 5.3) and 
Multiflash  (Version: 7.3) as representative commercial tools for 
comparison. Using the four case studies from Section 3.1, the 
pipeline parameters were kept consistent. The steady-state tem
perature and pressure results along the pipeline were first 
computed using our model, followed by inhibitor distribution 
calculations using the flash modules in PVTsim and Multiflash. For 
consistency, the PR-HuronVidal EoS is employed across all flash 
calculations. The results are shown in Figs. 11 and 12.

Based on the above simulation results, for both MeOH con
centrations (mass fractions 30% and 50%), the results obtained in 
this study are highly consistent with those calculated by PVTsim. 
Specifically, the average deviation for the 30% MeOH case is 0.17%, 
and for the 50% case, the average deviation is 0.12%. In contrast, the 
deviations from Multiflash are 5.95% and 4.96%, respectively. For 
MeOH, as the pipeline temperature decreases along its length, the 
MeOH concentration in the aqueous phase increases continuously. 
This is because the vapor pressure of MeOH decreases with 
decreasing temperature, causing MeOH in the vapor phase to 
dissolve into the aqueous phase and raise its concentration.

In OLGA’s inhibitor tracking module, rigorous phase equilib
rium flash calculations are not applied. Instead, the partial pres
sure of MeOH in the vapor phase is directly taken as its 
concentration, which is then used to adjust its concentration in the 
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Fig. 8. Pipeline pressure distribution at different terrains. (a) Pipeline pressure dis-
tribution (gentle slope, <15◦; MeOH mass fraction 30%). (b) Pipeline pressure distri-
bution (steep slope, 45◦; MeOH mass fraction 30%). (c) Pipeline pressure distribution 
(including riser; MeOH mass fraction 30%).

Table 7 
Pipeline terrain 1 (gentle slope, <15◦).

Distance, m 0 2000 4000 6000 8000
Elevation, m 0 350 210 490 280

Table 8 
Pipeline terrain 2 (steep slope, 45◦).

Distance, m 0 1000 2000
Elevation, m 0 707 500

Table 9 
Pipeline terrain 3 (including riser).

Distance, m 0 1000 0 2000
Elevation, m 0 300 500 400
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Fig. 9. Pipeline temperature distribution and mole fraction of MeOH in water phase at different ambient temperatures. (a) Pipeline temperature distribution at different ambient 
temperatures (Gentle slope, <15◦; MeOH mass fraction 30%). (b) Mole fraction of MeOH in water phase at different ambient temperatures (Gentle slope, <15◦; MeOH mass 
fraction 30%).
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Fig. 10. Pipeline temperature distribution and mole fraction of MeOH in water phase at different total heat transfer coefficients. (a) Pipeline temperature distribution at different 
total heat transfer coefficients (gentle slope, <15◦; MeOH mass fraction 30%). (b) Mole fraction of MeOH in water phase at different total heat transfer coefficients (gentle slope, 
<15◦; MeOH mass fraction 30%).
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Fig. 11. Flash module results comparison at different MEG concentrations. (a) Mole fraction of MeOH in water phase (MeOH mass fraction 30%). (b) Mole fraction of MeOH in 
water phase (MeOH mass fraction 50%).

S.-F. Song, J.-H. Yu, Y.-B. Li et al. Petroleum Science 23 (2026) 3616–3633

3630



aqueous phase. Additionally, OLGA does not consider the distri
bution of oil in the aqueous phase, effectively treating the aqueous 
phase as consisting only of water and inhibitor. These simplifica
tions may lead to an overestimation of the MeOH content in the 
aqueous phase calculated by OLGA. The discrepancy between 
Multiflash  and this study may also arise from differences in the 
binary interaction parameters used in the EoS.

For MEG, as the pipeline temperature decreases along its 
length, the concentration of MEG in the aqueous phase shows a 
decreasing trend. This is because MEG has an extremely low vapor 
pressure and exists in only trace amounts in the gas phase, 
significantly lower than the vapor pressure of water. As a result, 
water vapor gradually condenses into the aqueous phase with 
falling temperature, thereby diluting the MEG concentration. Since 
the vapor-phase loss of MEG is negligible, the results from OLGA’s 
simplified  calculation method are very close to those obtained 
from the rigorous flash  calculation method used in this study. 
Furthermore, the average relative deviations between this study’s 
results and those of PVTsim and Multiflash are both within 0.5%, 
indicating that the proposed method yields highly accurate pre
dictions for the distribution of MEG in the aqueous phase.

Based on all the above sensitivity analyses, it can be concluded 
that under the selected steady-state hydraulic and thermal 
models, the most critical factor affecting the distribution of in
hibitors in the aqueous phase is the phase equilibrium calculation. 
For MeOH, due to its relatively high vapor phase loss and the as
sumptions and simplifications in OLGA’s hydrate inhibitor tracking 
model, there is a noticeable discrepancy of approximately 10%, 
compared to the results of this study. In contrast, for MEG, which 
exhibits minimal vapor-phase loss, the phase equilibrium results 
calculated in this study show good agreement with those obtained 
from OLGA and other commercial software.

4. Conclusions

The proposed model offers a flexible and efficient solution for 
tracking hydrate inhibitors in oil-gas-water three-phase flow 
systems. Due to the complexity of real-world three-phase flow, no 
single hydraulic model can be universally applied. Therefore, our 
model allows for the flexible replacement of key components, such 
as the hydraulic and thermal models, adapting to different pipeline 
configurations  and flow  conditions. Crucially, by employing 
reasonable assumptions and implementing detailed three-phase 

flash  calculations for inhibitor distribution, this approach bal
ances computational efficiency with result accuracy. The resulting 
inhibitor distribution yields greater precision than commercial 
software. The specific conclusions are as follows:

(1) The steady-state pressure and temperature results are 
highly consistent with those calculated by OLGA, with 
average deviations below 5%, confirming  the reliability of 
the thermal-hydraulic module.

(2) Due to model assumptions in OLGA, the predicted MeOH 
distribution shows slight deviation but remains generally 
consistent. The MEG results show excellent agreement, 
demonstrating strong engineering applicability.

(3) In pipeline cases with significant  terrain variation, the 
Beggs-Brill model and OLGA show larger calculation de
viations. However, the proposed model allows flexible 
replacement of the steady-state pressure model, enabling 
better adaptability.

(4) The developed flash module is compared with PVTsim and 
Multiflash.  The results align closely with PVTsim, while 
minor deviations are observed with Multiflash,  validating 
the robustness of the implemented phase equilibrium 
calculation.

In conclusion, the proposed model enables accurate and flex
ible prediction of inhibitor distribution under complex multiphase 
conditions. Under steady-state flow conditions, it can provide a 
reference for predicting inhibitor distribution inside pipelines, 
thereby reducing engineering operation and maintenance costs. 
Future work will focus on incorporating transient effects and 
further improving the accuracy of phase-specific inhibitor tracking 
under varying flow and composition scenarios.
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Symbol Meaning Units

P Pressure Pa
T Temperature K
L Distance of axial flow m
g Local gravitational acceleration m/s2

u Velocity m/s
H Elevation m
ρ Density kg/m3

θ Pipe section inclination degree
d Pipeline diameter m
f Friction factor /
Wf Irreversible frictional losses m2/s2

G Mass flux rates kg/ 
(s⋅m2)

usg Superficial gas velocity m/s
Fel, Facc, Ff Pressure gradient due to elevation, 

acceleration and friction
Pa/m

Z Compression factor /
Ps Inlet pressure of pipe sections Pa
Pe Outlet pressure of pipe sections Pa
Ts Inlet temperature of pipe sections K
Te Outlet temperature of pipe sections K
Ta Ambient temperature K
Xwg Gas phase mass fraction /
x Mole fraction of any component /
Cp Specific heat capacity of mixture fluids at 

constant pressure
kJ/(kg⋅K)

M Mass flow rate of the gas-liquid mixture kg/s
Di Joule-Thomson coefficient of component i K/Pa
k Overall heat transfer coefficient W/ 

(m2⋅K)
i Hydraulic gradient of liquid phase m/m
A Parameter in thermal model m− 1

B Parameter in thermal model K
HL Liquid holdup /
λ Input liquid content /
q In-situ volumetric flow rate m3/s
μ Viscosity Pa⋅s
V Mole volume m3/mol
Vf Volume fraction /
EoS Equation of state /
a Parameter in EoS Pa⋅m6/ 

mol2

b Parameter in EoS m3/mol
c Mole fraction of component in any phase /
α Phase fraction /
z Mole fraction of feed component /
F Fugacity Pa
ϕ Fugacity coefficient /
K Equilibrium constant /
s Composition-switching factor /
t Time s

(continued )

Symbol Meaning Units

U Volume m3

Ac Cross-sectional area m2

ξ Replacement ratio /
_m Mass flow rate kg/s

Subscripts/ 
superscripts

Meaning Units

g Gas phase
L Liquid phase
w Aqueous phase
i,j,k,l Index for any component or phase
n Pipe section index
m Time-step index
avg Average
in Inlet
ns No-slip
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