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a b s t r a c t

A low-dimensional model for slug elimination is established to improve the applicability and accuracy 
of current models. Inspired by the flow stages of severe slug flow, the model in this paper is divided into 
three distinct flow stages—slug growth, liquid production, and blowout stages—to accurately capture 
the flow behaviors of severe slugging flow. For high-pressure operating conditions, a multiphase valve 
model considering phase slip and critical flow  is analyzed and applied to expand the application 
boundary of the low-dimensional model. The new model and the state-of-the-art low-dimensional 
model reported in the literature are compared in detail with the results from experiments and the OLGA 
simulator. The results show that the new model can well simulate the flow behaviors of SS1 and SS2. In 
the three validation conditions, the absolute values of the mean relative errors of the new (old) model 
for the simulation of flow  cycle, riser pressure drop, and inlet pressure are 2.67% (103.52%), 6.51% 
(22.88%), and 2.84% (11.31%), respectively.
© 2026 The Authors. Publishing services by Elsevier B.V. on behalf of KeAi Communications Co. Ltd. This 

is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).

1. Introduction

In recent years, pipeline-riser systems have experienced rapid 
development in the offshore oil and gas industry because of the 
significant advantages in cost-effectiveness and project manage
ment (Havre et al., 2000). As shown in Fig. 1, such system generally 
consists of an undulating pipeline laid on the seabed and a riser 
connected to the floating  production storage and offloading 
(FPSO). However, due to the unique geometric structure of the 
pipeline-riser system, a hazardous flow regime known as severe 
slugging flow  may occur under low-production conditions (Yu 
et al., 2023), typically during the late or early stages of the pro
duction cycle.

Severe slugging flow is a global multiphase flow regime (Zou 
et al., 2017), which exhibits periodic flow behavior accompanied 
by significant pressure and flow rates fluctuations. Its most typical 
feature is that it usually consists of several definite  flow  stages. 

When severe slugging flow occurs, the flow circulates among these 
stages, and exhibits different macro flow phenomena, i.e., different 
severe slugging flow sub-regimes, depending on the flow stages 
experienced in the cycle. Among them, the most important sub- 
regimes include Type 1 severe slugging flow  (SS1) and Type 2 
severe slugging flow (SS2): the former mainly occurs under low 
gas-liquid velocity conditions, while the latter occurs under con
ditions with a relatively high gas-liquid ratio.

SS1 is composed of four flow stages (Taitel et al., 1990), namely 
slug growth, liquid production, blowout, and liquid fallback. Dur
ing the slug growth stage, as liquid continuously accumulates at 
the riser base, it blocks the gas passage at the bottom of the riser, 
thereby preventing gas from entering the riser. This causes gas to 
accumulate within the pipeline, meanwhile, the lower section of 
the riser is occupied by pure liquid, while the upper section is filled 
with gas, which interacts dynamically with the external environ
ment via the outlet valve; during the liquid production stage, the 
entire riser is filled with liquid driven by the pressurized gas in the 
pipeline. Concurrently, the gas-liquid interface in the pipeline 
moves downward toward the riser base. Once the interface reaches 
the bottom of the riser, the system transitions to the blowout 
stage; during the blowout stage, gas first enters the riser and un
dergoes rapid expansion, thereby propelling the liquid to 
discharge rapidly. Subsequently, the gas thoroughly mixes with 
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the liquid, forming a gas-liquid two-phase flow that erupts from 
the riser. As a result, the outlet first  exhibits a high-velocity 
outflow  of single-phase liquid, which then transitions to the 
eruption of gas-liquid two-phase flow. If the liquid within the riser 
is insufficient  to sustain the rapid blowout, the flow  transitions 
into the liquid fallback stage. At this time, the gas passage is 
interconnected from the bottom of the riser to the riser outlet. 
Meanwhile, the liquid adheres to the inner wall of the riser and 
flows back towards the bottom of the riser. It then accumulates at 
the bottom of the riser, re-blocking the gas passage, and the flow 
enter the next period. The cycle of SS2 only does not include the 
liquid production stage, and the definitions  of the other flow 
stages are consistent with those of SS1. The detailed flow charac
teristics and corresponding pressure profile diagrams for the two 
flow regimes are presented in Fig. 2. In recent decades, researchers 
have carried out extensive work on the theoretical analysis and 
stability criteria of severe slugging flow (Cao et al., 2024; Jansen 
et al., 1996; Liu et al., 2025; Malekzadeh et al., 2012; Taitel, 1986; 
Taitel et al., 1990; Wang et al., 2026), as well as experimental 
studies under atmospheric (Li et al., 2017; Yu et al., 2024; Zhou 
et al., 2018) and high-pressure conditions (Xie et al., 2017; Zhao 
et al., 2023).

Severe slugging flow  can cause substantial and periodic 
fluctuations  in flow  rates and pressure, posing a significant 
threat to the service life of pipelines and the normal operation of 
downstream production equipment. In extreme cases, it can lead 
to overflow  in downstream separators, forcing the system to 
shut down and resulting in substantial economic losses (Wang 
et al., 2024). Therefore, effective methods to suppress or elimi
nate severe slugging flow are required, which are known as slug 

elimination technology. For more details on the hazards and 
elimination techniques of severe slugging, please refer to the 
reviews (Banjara et al., 2023; Chen et al., 2025; Pedersen et al., 
2017).

Among all slug elimination techniques (Banjara et al., 2023; 
Chen et al., 2025; Pedersen et al., 2017), active feedback control 
is regarded as a preferred method due to its high efficiency, 
affordability, and minimal side effects (Havre and Dalsmo, 2002; 
Jahanshahi and Skogestad, 2011; Nnabuife et al., 2022). The dy
namic model of the severe slugging flow serves as the cornerstone 
of this technology and are frequently applied to the design of 
controllers (Jahanshahi et al., 2014; Ogazi et al., 2010; Park et al., 
2021) and estimators (Wang et al., 2023). Although partial differ
ential equations (PDEs) models (Azevedo et al., 2015; Bali~no et al., 
2010; Han and Guo, 2015) based on computational fluid dynamics 
offer higher computational accuracy, they are difficult  to apply 
directly to the design of controllers and estimators, as control 
theory is primarily established on ordinary differential equations 
(ODEs). To convert the PDE model into an ODE model, it is 
necessary to transform the variables at each node into state vari
ables to eliminate the influence of spatial differences. The result is 
a state-space model of enormous dimensionality, which will 
continue to increase if the number of nodes grows.

Consequently, researchers have developed low-dimensional 
dynamic models (Jahanshahi and Skogestad, 2011; Kaasa et al., 
2008; Meglio et al., 2009; Storkaas and Skogestad, 2003) that 
divide the pipeline-riser system into two modules: the “pipeline” 
and the “riser”, thereby enabling simplified modeling and analysis 
of the system. Typical low-dimensional models are constructed 
based on mass conservation relationships both within and 

Nomenclature

A cross-sectional area,m2

a constant, = 0.6152
c constant, = − 0.85
D diameter, m
f resistance coefficient
g gravitational acceleration, m/s2

H height of the riser, m
h liquid level, m
Kv valve flow coefficient, m3/h
L length, m
M gas molecular, kg/mol
m mass, Kg
NRe Reynolds number
n amount of substance, mol
P Pressure, Pa
r radius, m
T temperature, K
t time, s
U velocity, m/s
V volume, m3

w mass flow rate, kg/s
x volumetric liquid holdup, %
Z compressibility factor
z valve opening, %

Greek symbols
α liquid holdup, %
Δ ΔP, pressure drop, Pa
ε pipe roughness, m

θ pipeline inclination angle, �
μ viscosity, Pas
π Pi
ρ density, kg/m3

σ two-phase multiplier
Φ two-phase friction multiplier
ϕ angle, �

Subscript
0 standard condition
3 L3
c critical, hc

down downward pipeline
elbow elbow
f friction force
G single-phase gas
g gas
hor horizontal pipeline
in inlet
L single-phase liquid
l liquid
mix mixture
non-blowout non-blowout stage
out outlet
pipe pipeline
riser riser
S separator
SL liquid superficial
travel Ltravel, flow length of liquid
valve valve
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between modules. These models are usually described by 3 to 4 
state variables, and the system of equations is closed by intro
ducing tunable parameters. Further case studies in controller 
(Jahanshahi et al., 2014; Ogazi et al., 2010; Park et al., 2021) and 
estimator design (Wang et al., 2023) have also demonstrated the 
model's effectiveness in active feedback control, which is why low- 
dimensional models are often referred to as “control-oriented 
models”.

However, existing low-dimensional dynamic models still face 
several challenges, one of which is the parameter tuning process. 
Such models typically rely on introducing additional tunable 

parameters to achieve equation closure (as shown in Table 1, the 
number of tunable parameters ranges from 3 to 7 across different 
models). The large number of parameters and their strong in
terdependencies significantly  increase the difficulty  of tuning 
(Jahanshahi and Skogestad, 2011). To achieve satisfactory simula
tion results, operators often need to invest substantial time in 
parameter adjustment. The second challenge lies in the valve 
model (Pedersen et al., 2017). Conventional low-dimensional 
models typically adopt a single-phase valve model (Meglio et al., 
2009) or a homogeneous-flow valve model (Jahanshahi and 
Skogestad, 2011; Storkaas and Skogestad, 2003) to describe valve 
behavior, both of which neglect fluid compressibility and the ef
fects of critical flow. Although these models perform well under 
laboratory conditions, they introduce theoretical limitations in 
industrial field  applications—especially under high-pressure 
conditions where fluid  compressibility cannot be ignored, or 
when valve operates in critical flow. Under such circumstances, 
the prediction error of incompressible-flow valve models may 
become non-negligible (Schüller et al., 2006), substantially 
undermining the reliability of the dynamic model.

To extend the application boundary of the low-dimensional 
model to high-pressure conditions and industrial sites, a new 
low-dimensional model was established based on the existing 
low-dimensional models. To address the challenges posed by high- 
pressure conditions and large-scale pipeline systems, a multiphase 
flow  valve model (Shao et al., 2018) considering interphase slip 
and valve critical flow phenomena was introduced. Inspired by the 
division of flow stages of severe slugging flow, the new model is 
divided into three flow stages: slug growth, liquid production, and 
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Fig. 1. Schematic diagram of the pipeline-riser system.
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blowout, so as to accurately simulate the flow behavior of severe 
slugging flow in different flow  stages. For different flow  stages, 
based on the analysis of the flow characteristics of the slugging 
flow (Cao et al., 2024; Zou et al., 2017, 2021), the new model will 
adopt different formulas to calculate key parameters such as liquid 
holdup and pressure drop, thus endowing it with the potential to 
simulate two severe slugging flow  regimes (SS1 and SS2). In 
addition, through careful evaluation of the tunable parameters of 
existing models, the number of tunable parameters of the new 
model was reduced to two, and the parameter tuning process was 
also discussed in detail to minimize the difficulty  of parameter 
tuning and improve the practicality of the model. The new model, 
together with the state-of-the-art low-dimensional model 
(Jahanshahi and Skogestad, 2011) which was termed benchmark 
model in this paper, is compared with the results from experi
ments and the OLGA simulator. Two sets of experimental condi
tions, corresponding to SS1 and SS2 respectively, along with an 
additional set of simulation condition generated by the OLGA, 
were selected as the basis for model validation. The simulation 
results including the bifurcation diagram, pressure and pressure 
difference parameters, as well as liquid holdup and outlet mass 
flow rates, are displayed in detail to compare the simulation per
formance of the new and old models. Finally, the control perfor
mance of the controller designed based on the model established 
in this paper is also demonstrated under three validation 
conditions.

This paper is organized as follows: Section 2 describes the 
experimental system used for model validation. Section 3 in
troduces the model itself and details the parameter tuning process. 
Section 4 provides a thorough analysis of multiple validation 
conditions, encompassing both experimental and simulation 
cases. Finally, Section 5 presents the conclusions.

2. Experimental system

Fig. 3 presents a simple schematic diagram of the test loop 
employed in this study. The geometric dimensions of the experi
mental loop and the measurement points for key data are depicted 
in the figure. The experimental loop consists of a 114 m horizontal 
pipe, an 18.7 m downward–inclined pipe, and a 16.3 m vertical 
pipe, followed by an approximately 1.5 m horizontal pipe down
stream of the vertical pipe. The pipeline has a downward inclina
tion angle of − 5◦. Both the pipeline and the riser have an inner 
diameter of 50 mm. Their material is 304 stainless steel, and they 
are connected by flanges. Consequently, the surface roughness of 
the inner-wall of the pipeline ranges from 0.025 to 1 μm. The choke 
valve is installed on the horizontal pipe located downstream of the 
riser. Prior to conducting the experiment, the flow characteristics 
of the valve were recalibrated according to the Chinese national 
standard GB/T 30832–2014.

The working fluid of the experimental system are water and air. 
For the measurement of liquid phase flow rate, two electromag
netic flowmeters with different measurement ranges are 
employed. Their ranges and measurement accuracies are 
0–6.36 m3/h with an accuracy of 0.5% F.S. and 0–42.5 m3/h with an 
accuracy of 0.5% F.S., respectively. As for the gas-phase flow rate, 

three orifice  flowmeters with different measurement ranges are 
utilized. Their ranges and measurement accuracies are 1.85–12.9 
NL/min with an accuracy of 0.5% F.S., 10.6–105 NL/min with an 
accuracy of 0.5% F.S., and 89–630 NL/min with an accuracy of 0.5% 
F.S., respectively. Operators select the appropriate measurement 
range according to the operating conditions to minimize mea
surement errors. After being measured, the gas-liquid two phase 
mixture enters the pipeline in the form as shown in Fig. 3.

The measurement module of the experimental system priori
tizes pressure and differential pressure measurements. For pres
sure measurement, Keller PAA25 absolute pressure sensors are 
utilized, featuring a measurement range of 500 kPa and an accu
racy of ±0.25% F.S. For differential pressure measurement, Rose
mont 3051CD3 differential pressure sensors are employed. The 
measurement ranges of these sensors are dynamically adjusted 
based on the height difference of the measuring points, while 
maintaining a consistent accuracy of ±0.15% F.S. across all sensors. 
The primary measurement data comprise the inlet pressure, the 
pressure at the bottom of the riser, the pressure drop of the riser, 
and the pressure drop across the choke valve. For the specific 
measurement points, please refer to Fig. 3. The NI9189 is chosen as 
the data acquisition chassis for the test system, with the NI9253 
and NI9265 serving as the corresponding acquisition and output 
cards, respectively.

The following defines  the boundary and temperature condi
tions of the test system: the outlet of the test loop is connected to a 
cyclone separator, where the gas phase is vented to the atmo
sphere, resulting in an outlet pressure equivalent to atmospheric 
pressure. Before the experiment commenced, the opening of the 
reflux valve in the liquid-phase loop was adjusted to stabilize the 
pressure upstream of the flowmeter at 1.2 MPa (absolute pres
sure). Meanwhile, the pressure of the compressor (used for gas- 
phase supply) was increased to 950 kPa (absolute pressure). At 
this time, the inlet pressures of both the gas and liquid phases 
were significantly higher than the system backpressure. Therefore, 
during the experiment, the inlet flow  rate could be regarded as 
constant. The fluid temperature ranged from 15 ◦C to 30 ◦C in the 
experiments, with temperature variations during the experiment 
neglected. This simplification  is justified as temperature fluctua
tions are secondary to the pressure and flow variations induced by 
severe slugging, as documented in Nemoto and Bali~no (2012).

3. Model description

This section provides a detailed description of the proposed 
dynamic model. Specifically, Section 3.1 first  elaborates on the 
specific  details of the model and finally  introduces its solution 
procedure; Section 3.2 analyzes the different forms of valve pa
rameters; Section 3.3 discusses the parameter tuning process in 
detail to reduce the difficulty of tuning.

3.1. Introduction to the model

The model is established based on the mass conservation at the 
inlet, outlet, and between control volumes. The mass exchange 
between different parts is constrained by three valves, and four 

Table 1 
Numbers of tuning parameters in existing low-dimensional models.

Storkaas model (Storkaas 
and Skogestad, 2003)

Kaasa model (Kaasa et al., 
2008)

Nydal model (Martins et al., 
2010)

Meglio model (Meglio et al., 
2009)

Jahanshahi model 
(Jahanshahi and Skogestad, 
2011)

Tunable parameters 5 7 3 5 4
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appropriate state variables are selected to describe the state in
formation within the system. For detailed information on the 
control volumes, state variables, and valves, please refer to Table 2
and Fig. 4.

Based on the analysis of the flow  characteristics of severe 
slugging flow, the concept of flow  stages is introduced into the 
low-dimensional model. According to the flow stage classification 
of severe slugging, the low-dimensional model is divided into two 
stages: the blowout stage and the non-blowout stage. The non- 
blowout stage is further subdivided into the slug growth stage 
and the liquid production stage.

The model first distinguishes between the blowout stage and 
the non-blowout stage using the equivalent pipeline liquid level 
height h. The flow is in the blowout stage when h is less than the 
critical liquid level height hc, and in the non-blowout stage 
otherwise, as shown in Eq. (1). The definitions  of h and hc are 
illustrated in Fig. 5. When the model is in the non-blowout stage, it 
further distinguishes between the slug growth stage and the liquid 
production stage based on the liquid mass in the riser ml,riser. The 
flow is in the liquid production stage when the riser (excluding the 
horizontal pipe downstream of the riser) is fully filled with liquid, 
and in the slug growth stage otherwise, as shown in Eq. (2). 

Blowout; if h < hc
non − blowout; if h ≥ hc

(1) 

Slug − growth; if Vl;riser > = AriserHriser
Liquid − production; if Vl;riser < AriserHriser

(2) 

The reason for classifying flow stages in the low-dimensional 
model is that the multiphase flow  regimes inside the control 
volumes of the “pipeline” and “riser” differ when severe slugging 
flow is in different flow stages. This results in distinct calculation 
methods for flow regime-related parameters such as pressure drop 
and liquid holdup. Conventional low-dimensional models over
look these details. To further improve simulation accuracy, this 
paper introduces more accurate formulas for liquid holdup and 
pressure drop based on flow stage classification.

The only exception is the calculation of the liquid holdup αpipe 
in the control volume “pipeline”. Although a dynamic pipeline 
liquid holdup αpipe may be a better choice, it was found during 
simulations that the dynamic pipeline liquid holdup αpipe can lead 
to numerical instability. Therefore, following the approach of 
Nemoto and Bali~no (2012), the variations in the αpipe are neglec
ted in this study. Jahanshahi and Skogestad (2011) recommended 

Table 2 
Main parts of the model and their descriptions.

Name Description

Control volume Pipeline Comprising the horizontal pipe and the downward-inclined pipe.
Riser Including the vertical riser and the horizontal pipe downstream of the riser.

Valve Choke valve Located at the horizontal pipe section downstream of the riser, it governs the mass exchange 
between the riser and the external environment.

Virtual gas valve Located at the base of the riser, regulates the gas exchange between the pipeline and the riser.
Virtual liquid valve Located at the base of the riser, regulates the liquid exchange between the pipeline and the riser.

State variable mg,pipe Gas mass in pipeline.
ml,pipe Liquid mass in pipeline.
mg,riser Gas mass in riser.
ml,riser Liquid mass in riser.

Gas
L1 = 114 m L2 = 18.7 m

Hriser = 16.3 m
Driser = 50 mm

L3 = 1.5 m
D3 = 50 mm

Lpipe = L1 + L2; Dpipe = 50 mm;
Vpipe = LpipeApipe

θ = −5°

Vriser = L3A3 + HriserAriser

Liquid
DPriser

Prb

Pin

DPvalve

Ps = 101.325 kPa
T = 15−30 °C

Fig. 3. Schematic diagram of the experimental loop.
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the use of volumetric liquid holdup for calculations, However, this 
method introduces considerable errors because it ignores the ef
fects of interphase slip and multiphase flow regimes. Since severe 
slugging flow occurs only when the flow regime in the pipeline is 
stratified flow, a more recommended approach is to calculate the 
αpipe based on stratified flow mechanistic models for horizontal or 
slightly inclined pipes. Specifically, a slight downward inclination 
angle can significantly  affect the αpipe. For the severe slugging 
pipeline system consisting of horizontal and downward-inclined 
pipes, the αpipe is calculated using a weighted average method in 
this paper, as given in Eq. (3). And the method proposed by Zhou 
et al. (2002) is adopted to iteratively solve the αhor and αdown. 

αpipe =(αhorLhor +αdownLdown)
/
(Lhor + Ldown) (3) 

In this model, it is assumed that the gas satisfies  the following 
conditions (see Eq. (4)). 

PV = ZnRT (4) 

Based on fundamental physical laws, the following can be 
obtained: 

Vpipe = ApipeLpipe
Vriser = Ariser(Hriser + L3)

(5) 

Vl;pipe =
ml;pipe

ρl
;Vl;riser =

ml;riser

ρl

Vg;pipe = Vpipe − Vl;pipe;Vg;riser = Vriser − Vl;riser

ρg;pipe =
mg;pipe

Vg;pipe
; ρg;riser =

mg;riser

Vg;riser

(6) 

Pin = Pg;pipe =
Zmg;pipeRT

MVg;pipe

Pout = Pg;riser =
Zmg;riserRT

MVg;riser

ΔPvalve = Pout − Ps

(7) 

ρmix;pipe =

(
mg;pipe + ml;pipe

Vpipe

)

ρmix;riser =

⎧
⎪⎪⎪⎪⎨

⎪⎪⎪⎪⎩

ρl; if
ml;riser

ρl
> = AriserHriser

ml;riser + mg;riser

AriserHriser
; if

ml;riser

ρl
< AriserHriser

(8) 

Umix;pipe = USL + USG0
ρg0

ρg;pipe
= USL;pipe + USG;pipe

Umix;riser = USL
Apipe

Ariser
+ USG0

ρg0Apipe

ρg;riserAriser
= USL;riser + USG;riser

(9) 

It should be noted that although no subscript is added to the 
temperature symbol in Eq. (7) for distinction, either the local 
temperature with higher accuracy or the temperature at the 
separator can be adopted for calculation.

The critical liquid level hc is determined by Eq. (10), while the 
liquid level h is calculated based on the state variable ml,pipe and 
the geometric model illustrated in Fig. 6, as shown in Eq. (11). 

hc =Driser (10) 

ml;pipe =

[(

Lpipe −
h

sin(θ)

)

αpipe +
h

sin(θ)

]

ρlApipe

h = sin(θ)
ml;pipe

/

ρlApipe
− Lpipeαpipe

(
1 − αpipe

)

(11) 

The liquid holdup at the riser base αrb is determined according 
to the geometry shown in Fig. 6(a), and it can be solved by Eqs. (12) 
and (13) when h is smaller than hc; otherwise, it equals 1. 

Ag = 0:25D2
riser[π − ϕ − cos(π − ϕ)sin(π − ϕ)]

ϕ = π − arccos
(

1 −
hc − h
rriser

)

Al = Ariser − Ag

(12) 

h ≥ hc, non-blowout h < hc, blowout

θ

Pin; mg,pipe; Vg,pipe; αpipe

Ps, T

ml,pipe

ml,riser

Pout; mg,riser; Vg,riser αout

(a) Slug growth (b) Liquid production

θ

αout

Ps, T

Pin; mg,pipe; Vg,pipe; αpipe

ml,pipe

ml,riser

Pout; mg,riser; Vg,riser

h

hc

Ps, T

Pin; mg,pipe; Vg,pipe; αpipe

ml,pipe

ml,riser

Pout; mg,riser; Vg,riser αout

θ

(c) Blowout

Fig. 5. Classification of flow stages in the model.

Inlet

Outlet

Control volume 1:
pipe

Control
volume 2:

riser

Choke valve

Virtual gas valve;
Virtual liquid valve

Fig. 4. Schematic diagram of the low-dimensional model.
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αrb =
Al

Ariser
(13) 

The frictional pressure drop in the “pipeline” and “riser” is then 
calculated based on the identified flow stage, as its determination 
directly depends on the flow regime.

Regardless of the flow stage in which the model operates, the 
pressure drop inside the “pipeline” is recommended to be calcu
lated using the stratified flow  model. In addition, although the 
mechanistic model for stratified  flow  can be used to solve the 
pressure drop, it requires an iterative procedure that significantly 
increases the time complexity of the model. Therefore, the pres
sure drop correlation for stratified  flow  in horizontal or slightly 
inclined pipes (Liu et al., 2019) is suggested herein, as detailed in 
Eqs. (14)–(18). 
(

dP
dz

)

=ϕ2
(

dP
dz

)

L
;ΔPf ;pipe =

(
dP
dz

)(
Lpipe

)
(14) 

ϕ2 = 1 +
C
X
+

C
X2

C = 1:025(NRe)
0:517
L (NRe)

0:431
G

/
1000

X =

(

dP=dz

)

L(

dP=dz

)

G

(15) 

(NRe)L =
ρlUSLDpipe

μl
; (NRe)G =

ρg;pipeUSG;pipeDpipe

μg
(16) 

The resistance coefficient for stratified flow in horizontal pipes 
needs to be estimated based on the single-phase (gas and liquid) 
resistance coefficient.  The resistance coefficient  of single-phase 
flow  is determined by the Colebrook-White (Colebrook, 1939) 
formula recommended by Haaland (1983), namely: 

1
̅̅̅
f

√ = − 1:8 log10

[(ε
/

Dpipe

3:7

)1:1

+
6:9
(NRe)

]

(17) 

(
dP
dZ

)

L;G
=

fL;Gρl;g
(
USL;SG

)2

2Dpipe
(18) 

The calculation method for the pressure drop in the “riser” is 
slightly different. When the flow is in the slug growth stage, the 
lower part of the riser is occupied by a pure liquid slug, while the 
upper part is pure gas. Both liquid and gas are driven by the 
incoming liquid from the pipeline, so the flow inside the riser is a 

combination of pure liquid and pure gas flow. When the flow en
ters the liquid production stage, the liquid slug in the lower part of 
the riser fills the entire riser and is driven by the incoming liquid 
from the pipeline too, resulting in pure liquid flow in the “riser”. 
Neglecting the pure gas flow in the riser during the slug growth 
stage, the flow  in the riser can be regarded as pure liquid flow 
throughout the non-blowout stage, with its flow velocity related to 
the flow conditions in the “pipeline”.

Therefore, it is recommended to use Eq. (17) to calculate the 
friction coefficient, Eq. (19) to calculate the Reynolds number, and 
Eq. (20) to calculate the travel distance of the liquid. 

(NRe)riser;non− blowout =

ρl

(

Umix;pipe
Apipe

Ariser

)

Driser

μl
(19) 

Ltravel =

⎧
⎪⎪⎪⎨

⎪⎪⎪⎩

Hriser; if
Ml;riser

ρlAriser
> = Hriser

ml;riser

ρlAriser
; if

Ml;riser

ρlAriser
< Hriser

(20) 

For the blowout stage, depending on the operating conditions, 
the flow regime in the “riser” may manifest as bubbly, slug, churn, 
or annular flow. The authors attempted to calculate the pressure 
drop in the “riser” using the slug flow model and achieved satis
factory results. However, the slug flow model has a relatively high 
computational complexity, which usually involves 1 to 2 iterative 
procedures: the slug liquid holdup is first solved directly or iter
atively based on experimentally fitted correlations (the first iter
ation); subsequently, other parameters of the slug unit are solved 
iteratively according to the slug liquid holdup (the second itera
tion), and the pressure drop of the slug unit is finally determined.

To simplify the calculation, it is recommended to use the fric
tional pressure drop correlation for bubbly flow—specifically, the 
Dukler method (Taitel and Dukler, 1976)— to estimate the fric
tional pressure drop in the “riser” during the blowout stage. The 
Dukler method is derived based on the homogeneous flow 
assumption and is suitable for calculating the frictional pressure 
drop of bubbly flow, as detailed in Eqs. (21)–(24). 

friser;blowout =0:0056 + 0:5(NRe)
− 0:32
riser;blowout (21) 

(NRe)riser;blowout =
ρmix;riserUmix;riserDriser

μmix;riser
(22) 

μmix;riser =αriserμl + (1 − αriser)μg (23) 

Liquid, Al

Gas, Ag

rriser

h hc

(a) Liquid level and critical liquid level (b) Pipeline liquid mass distribution

αpipe

ml,pipe

h1/sin(θ)

θ

Lpipe

φ

Fig. 6. Simple geometric structure of the model.
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ΔPf ;riser =
friserρmix;riser

(
Umix;riser

)2

2Driser
(Hriser + L3) (24) 

The liquid holdup in the riser αriser is determined using Eq. (25). 

αriser =

⎧
⎪⎪⎪⎨

⎪⎪⎪⎩

1; if
ml;riser

ρl
> = AriserHriser

ml;riser

ρlVriser
; if

ml;riser

ρl
< AriserHriser

(25) 

After calculating the frictional pressure drop for each control 
volume, the pressure drops across the virtual liquid-phase (and 
gas-phase) valve can be determined using Eqs. (26− 27). These 
parameters govern the mass transfer between the “pipeline” and 
the “riser." 

ΔPl;rb =
(

Pin − ΔPf ;pipe + ρlgh1

)

−
(

Pout + ρmix;risergHriser +ΔPf ;riser

) (26) 

ΔPg;rb =
(

Pin − ΔPf ;pipe

)

−
[
Pout + ρmix;riserg(Hriser − Driser)+ΔPf ;riser

] (27) 

For the mass exchange between the pipeline and the riser, it is 
assumed to be governed by two virtual valves; in addition, since 
the pressure drop of the gas valve determined by Eq. (26) is 
extremely small, the compressibility of the gas can be neglected. 
Therefore, it is recommended to use Eqs. (27) and (28) to calculate 
the mass exchange between the “pipeline” and the “riser.” During 
the non-blowout stage, Ag equals zero, resulting in no substantial 
gas mass transfer. This implies that gas is forced to accumulate 
within the “pipeline.” It should be emphasized that using virtual 
valves to calculate the mass exchange between the “riser” and the 
“pipeline” is a common method for low-dimensional models, but 
not the only one—the PDE model (Andreolli et al., 2018; Bali~no 
et al., 2010) uses the drift flux  model to calculate the corre
sponding mass exchange. 

Ug;rb =

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

max

(

0;
ΔPg;rb

ρg;pipefg

)√
√
√
√

Ul;rb = sgn
(

ΔPl;rb

)
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

abs
(ΔPl;rb

ρlfl

)√
(28) 

wg;rb = Ug;rbAgρg;pipe
wl;rb = Ul;rbAlρl

(29) 

Additionally, please note that the sgn(), abs(), and max() func
tions in Eq. (28) are crucial for the stable operation of the calcu
lation and cannot be omitted. These operations dictate the 
direction of mass exchange: at the bottom of the riser, liquid is 
allowed to flow back into the pipeline, while gas is prevented from 
flowing back into the pipeline.

The mass exchange of the outlet valve is much more compli
cated than that of the virtual valves at the bottom of the riser, 
which needs to be explained in detail. For the non-blowout stage, 
the valve operates in a single-phase condition. Simply put, during 
the slug growth stage, only gas passes through the valve, and the 
pressure drop is very small and almost negligible. Therefore, a 
single-phase incompressible flow valve model can be adopted, as 
shown in Eqs. (30) and (31). During the liquid production stage, 
only liquid flows out of the valve, and the single-phase incom
pressible flow valve model is also adopted, as shown in Eqs. (32)
and (33). The only difference between the two is that the valve 

allows gas to flow back into the riser, but does not allow liquid to 
flow  back, which is exactly the opposite of the situation at the 
bottom of the riser. 

Ug;out = sgn(ΔPvalve)

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

abs

(
ΔPvalve

ρg;riserfvalve

)√
√
√
√ (30) 

wg;out = ρg;riserUg;outAriser
wl;out = 0 (31) 

Ul;out =

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

max
(

0;
ΔPvalve
ρlfvalve

)√

(32) 

wl;out = ρlUl;outAriser
wg;out = 0 (33) 

During the blowout stage, although the actual fluid  passing 
through the valve initially consists of high-speed single-phase 
liquid followed by gas–liquid two-phase flow, researchers 
conventionally neglect the single-phase liquid flow and develop 
both PDE (Andreolli et al., 2018; Azevedo et al., 2015; Azevedo 
et al., 2017) and ODE models (Jahanshahi and Skogestad, 2011; 
Meglio et al., 2009; Storkaas and Skogestad, 2003) based on a 
homogeneous flow valve model, which have achieved satisfactory 
simulation results. Additionally, Meglio et al. (2009) suggests us
ing a single-phase flow valve model for modeling, which has also 
achieved good simulation results.

Therefore, the authors compared the single-phase flow  valve 
model, the homogeneous flow  valve model, and a modified  ho
mogeneous flow model incorporating with two-phase multiplier 
(Wang et al., 2026). The results demonstrate that the modified 
homogeneous flow model provides the best agreement over the 
entire flow range and also requires the least effort in parameter 
adjustment, as detailed in Eqs. (34)–(39). 

ΔPvalve = fvalveσρmix;outUmix;out
2 (34) 

σ= e
a

USL;riser
Umix;riser + c (35) 

The values of a and c are 0.6152 and − 0.85, respectively. 

Umix;out = sgn(ΔPvalve)

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
abs(ΔPvalve)

fvalveερmix;out

√

(36) 

xl;out =
αoutρl

αoutρl + (1 − αout)ρg;riser
(37) 

Umix;out = ρmix;outAriserumix;out (38) 

wl;out = max
(

0; ρmix;outAriserUmix;outxl;out

)

wg;out = wmix;out − wl;out
(39) 

However, both the homogeneous flow  model and the single- 
phase flow model actually neglect the compressibility of the gas 
phase, thereby introducing calculation errors (Schüller et al., 
2006). For industrial sites as well as high-pressure and long- 
distance pipelines, the use of a multiphase flow valve model may 
be a better choice (Pedersen et al., 2017). Therefore, this paper 
attempts to introduce a multiphase flow  valve model to replace 
the traditional incompressible flow  valve model, with specific 
details provided in Appendix A.

Established on the basis of Alsafran and Kelkar (2007), this 
multiphase flow  valve model (Shao et al., 2018) considers 
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interphase slip and assumes that the gas is in adiabatic flow; 
during the calculation, it is necessary to first calculate the critical 
pressure ratio through an iterative process to determine the valve 
flow regime.

Based on the flow characteristic analysis, the liquid holdup at 
the outlet [αout] is determined by a discontinuous piecewise 
function according to flow stages. For the blowout stage, Jahan
shahi's form is still used, see Eq. (40), which performs well in the 
blowout stage but has a large error in the non-blowout stage. 

αout =

⎧
⎨

⎩

αriser; if αrb ≤ αriser
2αriser − αrb; if αriser < αrb ≤ 2αriser

0; if αrb ≥ 2αriser

(40) 

For the non-blowout stage, a simple formula is used to deter
mine the αout, see Eq. (41). Compared with the formula for calcu
lating the liquid holdup at the outlet in the established models, the 
easy formula for the αout which is built based on the flow char
acteristic analysis of slugging flow gives the model a better per
formance without adding tunable parameters, which will be 
specifically discussed in Section 4. 

αout =

{
0; if slug − growth
1; if liquid − production (41) 

Finally, based on the law of mass conservation, the state tran
sition equations for the state variables are derived as follows: 

_mg;pipe =
dmg;pipe

dt
= wg;in − wg;rb (42) 

_ml;pipe =
dml;pipe

dt
= wl;in − wl;rb (43) 

_mg;riser =
dmg;riser

dt
= wg;rb − wg;out (44) 

_ml;riser =
dml;riser

dt
= wl;rb − wl;out (45) 

The basic solution procedure of the model in this paper is as 
follows: first,  all relevant parameters at the same time step are 
calculated based on the state variables, and then the state variables 
at the next time step are solved based on the state transition 
equations to complete the entire solution procedure. The complete 
computational flowchart of the model is shown in Fig. 7.

3.2. Discussion on valve parameters

Valve parameters are core parameters for measuring the 
throttling capacity of valves and are used to quantitatively 
describe valves in the model. Since the valve opening itself cannot 
directly represent its throttling capacity, it is necessary to clarify 
the corresponding relationship between valve parameters and 
valve opening, thereby converting the valve opening into quanti
fiable throttling capacity.

For the incompressible flow  valve model (including homoge
neous flow valves and single-phase flow valves), this paper uses 
the valve resistance coefficient  fvalve as the valve parameter to 
quantitatively characterize the throttling capacity of the valve, and 
its corresponding relationship with the valve flow coefficient Kv is 
shown in Eq. (46). Based on Eq. (46) and the valve flow charac
teristic curve (i.e., the Kv - z relationship), when the inner diameter 
of the pipeline where the valve is installed is known, a clear cor
responding relationship between fvalve and z can be established. It 
should be emphasized that Ariser in Eq. (46) is the cross-sectional 
area of the pipeline where the valve is installed; therefore, when 

the same valve is installed in different pipelines, the correspond
ing relationship between its resistance coefficient fvalve and valve 
opening z will also be different.

For the multiphase flow valve model, the equivalent throttling 
orifice diameter Dvalve is usually used to characterize the throttling 
capacity of the valve. Therefore, to apply the multiphase flow valve 
model, it is necessary to clarify the corresponding relationship 
between Dvalve and valve opening, so as to realize the quantitative 
description of the valve in the model under different openings. By 
defining  the valve coefficient  Cd, the correlation between the 
equivalent throttling orifice  diameter Dvalve and the flow  coeffi
cient Kv can be established. Assuming that Cd remains constant, 
the corresponding relationship between Dvalve and Kv can be 
solved, and please refer to Appendix A for details.

Therefore, for the above two valve models, the valve parame
ters are actually correlated with the flow coefficient Kv to obtain 
their corresponding relationship with the valve opening. The valve 
flow characteristic curve is usually provided by the valve manu
facturer, but it is recommended that, when experimental condi
tions are available, engineers should conduct pure water 
experiments in accordance with relevant standards to obtain more 
accurate flow characteristic curves (Schüller et al., 2006). 

fvalve =
(36000Ariser)

2

Kv
2 (46) 

The above process has discussed how to establish the corre
sponding relationship between valve parameters and valve 

Input Initial State Variables
(mg,pipe, ml,pipe, mg,riser, ml,riser)

Calculate flow-regime-
independent parameters

using Eqs. (5)−(9)

Calculate Flow-Regime-
Dependent Parameters

using Eqs. (14)−(25)

Calculate the Mass Flow Rates
(wl,rb, wg,rb, wl,out, wg,out)
using Eqs. (28)−(41)

Input parameters
(valve)

Input parameters
(wg,in, wl,in)

Update state variables
using Eqs. (42)−(45)

END

Identify model flow stage
using Eqs. (1), (2), (10), (11)

Tunable parameters
(fg, fl)

Fig. 7. Schematic diagram of the proposed model's computational workflow.
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opening. However, low-dimensional models need to undergo local 
linearization to obtain a linear state-space model, and the specific 
linearization process can be referred to in the literature (Ogazi 
et al., 2010). Therefore, to realize this linearization process, it is 
necessary to define  the functional relationship between valve 
parameters and valve opening, rather than a simple corresponding 
relationship. Traditional low-dimensional models suggest 
assuming that the valve has linear flow characteristics to further 
determine the functional relationship between the two; according 
to the results of relevant literature (Jahanshahi and Skogestad, 
2011; Meglio et al., 2009), although this method introduces a 
certain degree of calculation error, it is acceptable overall.

3.3. Model parameter tuning

Low-dimensional models achieve the closure of the equation 
system by introducing tunable parameters, and parameter tuning 
is the process of adjusting these tunable parameters to enable the 
low-dimensional model to accurately simulate the flow  system. 
Obviously, low-dimensional models cannot achieve perfect simu
lation of the flow  system; therefore, clarifying the evaluation 
criteria for simulation performance and establishing a reasonable 
parameter tuning process are crucial for reducing the difficulty of 
parameter tuning and improving tuning efficiency. This section 
will focus on a detailed discussion of tunable parameters, evalu
ation criteria, and parameter tuning methods.

As shown in Fig. 7, fg and fl are the only two tunable parameters 
in this model, describing the flow capacity of gas and liquid at the 
riser bottom, respectively. Based on their physical meanings, their 
definition domains can be estimated in advance. Specifically, fl can 
be regarded as the sum of the resistance coefficient of a valve with 
a diameter approximately equal to the pipeline diameter (the 
pipeline where the valve is installed) and the resistance coefficient 
introduced by the elbow, and fg can be regarded as the sum of the 
resistance coefficient of a valve with a diameter smaller than the 
pipeline diameter and the resistance coefficient introduced by the 
elbow. Therefore, for the pipeline used in the experiments of this 
paper, it is recommended that the tunable parameters be adjusted 
within the range specified by Eq. (47). 

fg ∈ [1;50000]; fl ∈ [1;5000] (47) 

The primary requirement for parameter tuning is to match the 
critical valve parameters of the flow  system, which means the 
model should accurately simulate the variation trend of the flow 
system's stability with the valve's throttling capacity. While 
conventional low-dimensional models rely on matching the 
critical opening—usually by assuming linear valve flow  charac
teristics and treating Kv,max as a tunable parameter—this mapping 
introduces model mismatch risks, as accurate opening matching 
does not guarantee accuracy in the critical throttling capacity. 
Therefore, to avoid the above risk, the model in this paper further 
requires matching the critical resistance coefficient or the critical 
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equivalent throttling orifice  diameter. In addition, since local 
linearization relies on the state variables at the equilibrium 
point—namely, those corresponding to the critically stable 
state—the simulation accuracy of flow parameters under this 
condition serves as a key metric for parameter tuning. In fact, 

even if stability matching is achieved, excessive deviations in the 
flow parameters of the stable state will still affect the subsequent 
local linearization process, thereby interfering with the controller 
design work.

In summary, the primary task of the parameter tuning process 
is to adjust the tunable parameters to make the stability of the 
model consistent with the experimental data. During the param
eter tuning process, the operator needs to quickly judge the impact 
of the current tunable parameters on the model stability, and then 
determine the rationality of the current parameter adjustment 
direction. However, such rapid judgment is difficult because sta
bility is an evaluation index lacking quantitative description, 
making it hard to determine which of the two unstable model 
operating conditions is more unstable.

To this end, this paper provides a simple method for quickly 
judging the development trend of model stability. As shown in 
Fig. 8, the development trend of model stability can be judged by 
comparing the numerical differences in the peak positions of the 
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Fig. 10. The micro-display of Case one.

Table 3 
Information on parameters required for experimental verification calculation.

Symbol Description Value Unit

g gravitational acceleration 9.8 m/s2

R Universal gas constant 8.314 J/(mol⋅K)
M Gas molecular 28.9634e-3 kg/mol
T Temperature 293.15 K
Z Compressibility factor 1 ⋅
μl Liquid viscosity 1002e-6 Pa⋅s
μg Gas viscosity 18.1e-6 Pa⋅s
ε Pipe roughness 2.5e-8 m
ρl Liquid density 998.2 kg/m3

ρg0 Gas density under standard conditions 1.293 kg/m3

Table 4 
Key parameters including slug period of Case one.

Slug period (z = 50%), s Slug period (z = 17%), s ΔPriser (z = 16%), kPa ΔPvalve (z = 16%), kPa Pin (z = 16%), kPa

Experimental results 264.8 318.85 118.76 39.32 252.26
This method 276.84 312.03 108.07 27.62 240.37
Benchmark model 621.39 790.29 86.00 64.78 254.64
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riser pressure drop: when the difference increases, it indicates that 
the stability of the model is increasing; on the contrary, when the 
difference decreases, it indicates that the stability of the model is 
decreasing.

In the stability matching process, it is necessary to first fix one 
of the tunable parameters, adjust the other tunable parameter, and 
find the parameter combination with the optimal model stability 
within the neighborhood of this tunable parameter; then swap the 
adjustment order of the two tunable parameters, repeat the above 
operation process, and finally achieve accurate matching between 
the model stability and the experimental data.

After completing the matching between the model stability and 
the experimental data, the tunable parameters can be fine-tuned 
to further improve the simulation accuracy of each flow param
eter in the stable state of the flow system. Fig. 9 shows the influ
ence of different tunable parameter combinations on parameters 
in the stable flow  state: as shown in Fig. 9, when the tunable 
parameter fg increases, both the riser pressure drop and the inlet 
pressure decrease accordingly; when the tunable parameter fl in
creases, both show an opposite variation trend. In addition, neither 
fg nor fl has an impact on the choke valve pressure drop, because 
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Fig. 12. The micro-display of Case two.

Table 5 
Key parameters including slug period of Case one.

Slug period (z = 50%), s Slug period (z = 18%), s ΔPriser (z = 17%), kPa ΔPvalve (z = 17%) Pin (z = 17%)

Experimental results 165.72 201.8 88.61 32.59 215.96
New method 168.3 193.3 84.25 25.9 211.29
Benchmark model 325.1 - 67.28 78.56 249.73
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when the system is stable, the outlet flow rates are consistent with 
the inlet flow  rates, and the choke valve pressure drop will not 
change significantly  when the valve parameters remain 
unchanged.

4. Results and discussion

Two sets of experimental working conditions and one set of 
simulated working condition were used to test the simulation 
performance of the new model. The results will be presented from 
both macro and micro aspects. The macro-level presentation 
shows the variation trend of important flow parameters with valve 

opening and the position of the critical opening in the form of 
bifurcation diagrams common in active control technique. In the 
bifurcation diagram, the line with a larger value represents the 
maximum value of the physical parameter at a certain valve 
opening, while the line with a smaller value represents the mini
mum value of this parameter at this opening. As the valve opening 
decreases, the two lines gradually approach and stick together, 
indicating that the flow enters a stable state. The opening corre
sponding to their convergence (bifurcation point) is the critical 
opening. The micro-level display reveals detailed profiles of flow 
parameters under different valve openings, such as the wide-open 
state and the transitional state prior to stabilization as well as 
immediately after stabilization. The benchmarking adopted here 
was the Jahanshahi and Skogestad (2011) model. In the final part of 
this section, this paper also presents the control performance of 
the simple P controller designed based on the low-dimensional 
model under the corresponding verification conditions.

4.1. Experimental validation cases

Two representative severe slug flow cases were employed to 
evaluate the model's performance: Case one represents low gas- 
liquid ratio conditions (SS1), while Case two corresponds to rela
tively high gas-liquid ratio conditions (SS2). These two cases 
exhibit distinct flow characteristics, enabling a comprehensive 
assessment of the model's predictive accuracy.

The experimental working fluids  are water and air, and the 
parameters involved in the calculation can be found in Table 3.

4.1.1. Case one
For case one, USL is 0.1 m/s, USG0 is 0.2 m/s; the flow pattern is 

SS1; its critical opening is 16%, and the corresponding valve 
resistance coefficient is 2800.56; fg and fl are equal to 250 and 150 
respectively.
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Fig. 10 presents experimental and simulation data for three key 
pressure parameters—riser pressure drop (ΔPriser), choke valve 
pressure drop (ΔPvalve), and inlet pressure (Pin)—across three 
distinct valve opening positions. As illustrated in Fig. 10, leveraging 
the refined outlet liquid holdup calculation formula, the proposed 
model demonstrates enhanced capability in simulating the flow 
behavior of severe slug flow across various flow stages. Taking the 
choke valve pressure drop profile in Fig. 10(b) as an example, be
tween 9400 and 9800 s, the flow undergoes a complete process 
from blowout to slug growth, then to liquid production, and back 
to blowout. During the slug growth stage, only gas passes through 
the choke valve. Consequently, the ΔPvalve (experimental data, the 
same below.) is extremely small, approaching zero. In the liquid 
production stage, the liquid in the riser is slowly accelerated by the 
gas in the pipeline and pure liquid flows through the choke valve. 
As a result, the ΔPvalve shows a slow-increasing trend, as can be 
seen from the experimental data around 9600 s. During the 
blowout stage, gas enters the riser and drives the liquid to flow out 

of the riser rapidly. Therefore, the ΔPvalve rises rapidly and then 
decreases, entering the next cycle. Similar flow behavior is more 
obvious in Fig. 15(b). Clearly, the proposed model accurately cap
tures the analogous flow behavior, whereas the benchmark model 
exhibits some deviations in its simulation results. Within the 
9400–9800 s interval, the benchmark model is in slug growth and 
liquid production stages; however, its ΔPvalve remains greater than 
zero, indicating that there is a huge error in the calculation of the 
outlet liquid holdup in these two flow stages.

Another example is the riser pressure drop, as shown in 
Fig. 10(a). Within the time interval of 2000–2200 s, the flow 
initially belongs to the slug growth stage and subsequently tran
sitions into the liquid production stage. It can be observed that the 
ΔPriser (experimental data) increases at an almost constant rate, 
indicating that the flow is in the slug growth stage. Once the full- 
pipe pressure drop of the riser is reached, the riser pressure drop 
remains unchanged, as seen around 2200 s. At this point, the flow 
is in the liquid production stage. The boundaries between these 
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Fig. 15. The micro-display of Simulated case: pressure and pressure drop.

Table 6 
Key parameters including slug period of simulated case.

Slug period (z = 50%), s Slug period (z = 2%), s ΔPrise (z = 1%), kPa ΔPvalve (z = 1%), kPa Pin (z = 1%), kPa

OLGA 10694.92 11130 19.66 12.36 47.33
New method 10414.7 11026.65 18.56 13.46 48.11
Benchmark model 2245 3501.65 13.35 14.84 43.4
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two flow  stages are well-defined,  enabling researchers to easily 
distinguish between SS1 and SS2 flow  regimes (the former 

includes the liquid production stage). Unlike the expected trend, 
the benchmark model predicts a riser pressure drop that rises at a 
diminishing rate within 1600–2000 s while staying strictly 
positive.

Moreover, the new model has a better simulation on the cycle 
than the benchmark model. The specific  values are shown in 
Table 4. This may be caused by the combined changes in the 
calculation methods of the outlet liquid holdup and the pipeline 
liquid holdup benchmark model uses the volume liquid holdup 
instead of the cross-section liquid holdup for calculation, while the 
proposed model calculates the pipeline liquid holdup based on the 
cross-section liquid holdup calculation method for horizontal pipe 
in stratified flow, which is more in line with the study of severe 
slugging flow.

As depicted in Fig. 11, both models accurately capture the 
critical opening. Furthermore, the proposed model demonstrates 
superior predictive performance in simulating the trends of riser 
pressure drop ΔPriser, choke valve pressure drop ΔPvalve, and inlet 
pressure Pin across varying valve openings compared to the 
benchmark model: while both models exhibit a tendency to un
derestimate the riser pressure drop, the deviation of the proposed 
model is comparatively smaller. Additionally, the proposed model 
slightly underestimates the choke valve pressure drop and inlet 
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pressure, whereas the benchmark model overestimates these two 
parameters.

4.1.2. Case two
For case two, USL is 0.1 m/s, USG0 is 0.5 m/s; the flow pattern is 

SS2; its critical opening is 17%, and the corresponding valve 
resistance coefficient  is 1939.54; fg and fl are equal to 65 and 55 
respectively.

Similar to case one, because the calculation formula of the 
outlet liquid holdup has a large error in the non-blowout stage, the 
benchmark model cannot correctly simulate the slug growth stage 
and the liquid production stage, so it does not have the ability to 
distinguish between SS1 and SS2, and the SS2 working conditions 
it simulates are more like the SS1 working conditions with a 
smaller fluctuation  range. As a comparison, the new model can 
obviously simulate the differences between SS1 and SS2 flow re
gimes. See the riser pressure drop ΔPriser in Fig. 12(a). Another 
noteworthy finding  is that, during the experimental process, the 
SS2 working condition exhibited a certain degree of randomness, 
as evidenced by the lack of complete consistency in the flow 
profiles  across successive cycles, see Fig. 12(b). This variability 
likely stems from the high gas velocity, which induces randomness 
in the intensity of each blowout event. Notably, the simulation 
results of the proposed model also display a comparable degree of 
stochasticity, as demonstrated in Fig. 12(b) or the 1600–1800 s 
interval in Fig. 12(a).

In contrast, the simulation results of benchmark model lack this 
sort of randomness, as shown in Fig. 12(a). Moreover, compared 

with the proposed model, the existing models exhibit larger pe
riodic errors, as detailed in Table 5.

As shown in Fig. 13, under high gas-liquid ratio conditions, the 
benchmark model's bifurcation (convergence) point shifts to a 
significantly  larger valve opening. Despite exhaustive parameter 
tuning by the author, complete agreement between the model and 
the experiment could not be achieved. This discrepancy suggests 
that the benchmark model predicts a larger critical opening, trans
lating to a higher flow coefficient under high gas-liquid ratio con
ditions. Additionally, ΔPriser, choke valve pressure drop ΔPvalve, and 
inlet pressure Pin, both models follow trends analogous to Case one.

4.2. Simulation case

4.2.1. Presentation of simulation results
This paper uses OLGA (version 7.0), a commercial software 

commonly used in industry, to simulate the simple severe slugging 
flow conditions of large-scale pipeline systems. The pipe size re
fers to the simulated working condition of Jahanshahi and 
Skogestad (2011), as shown in Fig. 14, and the working fluid  in
formation refers to the working fluid table of Schüller et al. (2006), 
with only a few modifications. See Appendix B for specific com
ponents. The constant information and definitions involved in the 
calculation are also shown in Appendix B. Only the parameters 
that are different from those in Table 3 are pointed out in the table. 
In addition, it should be noted that for this simulated working 
condition, the multiphase flow valve model is used for calculation, 
so the constant information involved also includes some thermo
dynamic parameters of the working fluid.
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In the simulated case, USG0 is equal to 9.01 m, USL is 0.2 m, the 
liquid is an oil-water mixture, and Wc is 90%. When the valve is 
fully open, the flow coefficient Cv = 400, and it satisfies the linear 
flow  characteristic. The critical opening is 1%, and the corre
sponding resistance coefficient is 6457.74. fg and fl are 295 and 150 
respectively.

As shown in Fig. 15, the multiphase valve model achieves a 
remarkable enhancement in simulating flow cycle as well as 
pressure/differential pressure profiles,  with precise quantitative 
data presented in Table 6. Both the new and established models, 
when relying on the conventional incompressible fluid  valve 
model, invariably underestimate the flow  cycle. Moreover, the 
proposed model outperforms the existing one in simulating inlet 
pressure Pin and riser pressure drop ΔPriser at different valve 
openings, as depicted in Fig. 16.

With the help of OLGA, it is possible to compare and analyze pa
rameters that are difficult to measure under experimental conditions. 
This paper selects four parameters for comparative study, namely the 
outlet liquid phase mass flow rate wl,out, outlet gas phase mass flow 
rate wg,out, riser top void fraction 1-αout, and riser base void fraction 1- 
αrb, and the specific  comparison results are shown in Fig. 17. The 
simulation and comparison results in Fig. 17 further confirm  the 
conclusions drawn in Section 4.1: as shown in (a), when the valve 
opening is large, the riser top void fraction 1-αout presents a rectan
gular wave-like variation characteristic, while the benchmark model 
fails to capture this phenomenon correctly—the calculated riser top 
void fraction 1-αout decreases to 0 in a relatively gentle trend and then 
increases rapidly to 1. In addition, by comparing Fig. 17(a) and (b), it 
can be seen that when the valve opening is large, the severe slugging 
flow erupts violently, showing a pulsed outlet mass flow rates distri
bution; as the valve opening decreases, the eruption intensity 
weakens gradually, and the duration of the blowout stage prolongs, 
which can be referred to the blowout process before 20000 s in (b) 
(i.e., the process where the 1-αout increases from 0 to 1). The OLGA 
software captures more eruption details, and the model in this paper 
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can well reproduce this phenomenon; on the other hand, since the 
model in this paper can accurately simulate the characteristic of 
prolonged duration of the blowout stage, it can fit the outlet gas-liquid 
phase mass flow rates well, and this advantage is more obvious in the 
comparison of outlet liquid phase mass flow rates in Fig. 19.

4.2.2. Comparison of valve models
Although the homogeneous flow model and the single-phase 

flow  model have achieved good simulation performance under 
laboratory conditions (Andreolli et al., 2018; Azevedo et al., 2015; 
Jahanshahi and Skogestad, 2011; Meglio et al., 2009), their appli
cation effects in high-pressure working conditions or large-scale 
pipeline systems remain to be verified.  With the help of OLGA 
validation case, this paper conducts an discussion on the simula
tion performance of three valve models. Figs. 18 and 19 show the 
simulation results of the model in this paper using three different 
valve models, namely the multiphase valve model, the homoge
neous valve model, and the single-phase valve model. All tunable 
parameters remain consistent during the comparison to ensure 
the objectivity and accuracy of the comparison results.

As shown in Fig. 18(b), when the valve opening is large, the 
simulation performance of the three valve models are almost 
identical, with only a certain difference in the outlet gas phase mass 
flow  rate wg,out: the single-phase flow  model significantly  over
estimates the wg,out. With the increase of the valve's throttling ca
pacity, the differences among the three valve models begin to stand 
out; among them, the homogeneous valve model and the multi
phase valve model show similar variation patterns, both of which 
can well simulate the variation trend of the blowout stage with the 
valve opening. The most significant difference between the two is 
that the multiphase valve model exhibits obvious advantage in the 
simulation of flow cycles, while the homogeneous valve model 
underestimates the flow cycles. In addition, the multiphase valve 
model can better simulate the lower limit of inlet pressure, while 
the homogeneous valve model overestimates this parameter.

The single-phase flow  model has obvious deficiencies  in 
simulation performance: firstly, it cannot accurately simulate the 
eruption details; secondly, the simulated flow cycle is significantly 
larger; and the simulation result of the outlet gas phase mass flow 
rate wg,out is significantly higher, while the simulation result of the 
lower limit of inlet pressure is significantly  lower. It is worth 
noting that the most prominent problem of the single-phase valve 
model is poor stability. During the simulation, even if the valve 
opening is reduced to 0.4%, the flow system cannot be stabilized, 
and the maximum inlet pressure even reaches 102 bara. This 
phenomenon indicates that the single-phase valve model signifi
cantly underestimates the throttling capacity of the valve.

4.3. Presentation of control performance

For the validation conditions presented in Sections 4.1 and 4.2, 
this section focuses on presenting the control performance of the 
simple P controller designed based on the low-dimensional model 
proposed in this paper. The controller is designed using the criteria 
given in Park et al. (2021), while the integral part is neglected; 
during the control process, the riser bottom pressure Prb is selected 
as the process variable, and the specific control performance are 
shown in Fig. 20.

5. Conclusions

A low-dimensional model was proposed in this work to break 
through some possible limitations of the established low- 
dimensional models and improve their adaptability. The low- 
dimensional model can be used to study the dynamic process of 

severe slugging flow in pipeline-riser system, and to design cor
responding controllers and estimators. The main conclusions of 
this paper can be summarized in the following four points.

(1) Based on existing models, a low-dimensional dynamic model 
containing only two essential tunable parameters is devel
oped. Through in-depth analysis of the flow characteristics of 
severe slugging, the calculation methods for multiple flow- 
regime-dependent parameters—such as liquid holdup, flow 
resistance, and the valve model are discussed and refined. This 
achieves optimal simulation performance while introducing 
the minimum number of tunable parameters.

(2) A multiphase valve model that accounts for phase slip is 
introduced to replace the conventional incompressible flow 
valve model, thereby significantly  improving the model's 
applicability under actual field  conditions. For operating 
conditions where valve flow may become critical—such as 
in large-scale, high-pressure pipeline systems—the multi
phase valve model can effectively reduce deviations induced 
by critical flow, thereby enhancing the simulation perfor
mance of the low-dimensional dynamic model.

(3) The validation cases include two sets of experimental condi
tions for two different types of severe slugging flow (i.e., SS1 
and SS2) and one set of simulation conditions generated by 
OLGA. The simulation results are presented in detail to compare 
the performance of the proposed model with the state-of-the- 
art low-dimensional model reported in the literature. The 
proposed model outperforms the benchmark model in terms of 
the slug cycle, flow behavior, and key flow parameters.

(4) Several future research directions are proposed to improve 
the model's simulation performance and field applicability, 
including: developing a slug flow  mechanism model with 
low computational complexity for calculating the riser 
pressure drop, introducing machine learning methods to 
improve the calculation accuracy of the outlet liquid holdup, 
and incorporating the influence  of solid particles into the 
severe slugging flow model.
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Appendix A. Multiphase valve model

Under laboratory conditions, the pipeline-riser system is 
small in scale and low in pressure level. Researchers usually 
ignore the compressibility of multiphase fluids without proof and 
use the incompressible flow  model to describe the valve, and 
assume that the valve flow regime is subcritical flow. However, 
when the attention is shifted to the large-scale and high-pressure 
on-site working conditions, the above assumptions obviously no 
longer hold. At this time, the valve model must consider two 
problems.

(1) The compressibility of multiphase fluids  under high pres
sure introduces new thermodynamic processes;

(2) Whether the flow regime of the valve is sub critical flow or 
critical flow  will affect the pressure drop - flow  rate rela
tionship of the valve.

Therefore, a multiphase flow valve model improved based on 
the Al-safran model (Alsafran and Kelkar, 2007) was added to the 
low-dimensional model to enhance the simulation performance. 
More details about this model, including its thermodynamic as
sumptions, can be found in Shao et al. (2018).

The relationship between valve opening z and throttling orifice 
diameter Dvalve is established first. or an orifice plate, the orifice 
outflow formula gives: 

Q = CdAvalve

̅̅̅̅̅̅̅̅̅

2ΔP
ρ

√

Avalve = 0:25πD2
valve

(A-1) 

For clarity in the derivation, the symbols and their units are 
defined as follows: Q is the volumetric flow rate, m3/s; Avalve is the 
orifice  throttling area, m2; ΔP is the pressure drop across the 
orifice, Pa; ρ is the fluid density, kg/m3.

According to the definition of the valve flow coefficient Kv—the 
volumetric flow  rate of water (in m3/h) that passes through the 
valve per hour at a pressure drop of 100 kPa across the valve, with 
water as the fluid  (density 1000 kg/m3, temperature 5- 
40 ◦C)—substituting into Eq. (A-1) yields: 

Kv =3600Cd
πD2

valve
4

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

2 × 105

103

√

≈ 39986CdD2
valve (A-2) 

Eq. (A-2) provides a theoretically derived relationship between 
Kv and Dvalve, because the true value of Cd is difficult to determine 
accurately, the actual relationship often deviates from this theo
retical expression. To obtain a more precise functional relation
ship, pure-water experiments should be conducted in accordance 
with relevant valve standards. Under the assumption of a constant 
discharge coefficient  Cd remains constant, the relationship be
tween z and Dvalve can then be determined using Eq. (A-1). It 
should be noted that Cd is actually a parameter that depends on the 
opening. However, it is usually assumed constant in engineering 
applications, with all the opening-dependent variations in Eq. (A- 
1) being incorporated into Dvalve.

The computational procedure for the multiphase flow  valve 
model is outlined as follows:

Calculate λ and α based on Eqs. (A-3) and (A-4), where υ is 
specific volume. 

λ= xg;out

[

k+
1

Z(k − 1)

]

(A-3) 

α= υg;riser
xl;out

ρl
(A-4) 

Then calculate the slip ratio S according to Eq. (A-5). 

S=

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

1 + xg;out

(υg;riser

υl
− 1
)√
[
1+0:6e− 5:0xg;out

]
(A-5) 

Iteratively solve the critical pressure ratio yc according to Eq. (A-6). 
[
2λ
(

y1− 1=k
c − 1

)
+2Sα(yc − 1)

](
xg;outy

− 1=k
c +

) xg;out

k
y− 1− 1=k

c

=

(

λ
k − 1

k
y− 1=k

c + Sα
)[

r2( xg;out + Sα
)2

−
(

xg;outy
− 1=k
c + Sα

)2
]

(A-6) 

r =
Avalve
Ariser

(A-7) 

It should be noted that when the liquid holdup αout approaches 
1, Eq. (A-6) may not converge. At this time, the properties of 
multiphase flow  are close to those of single-phase liquid. Ac
cording to Chinese standard GB/T 17213.2 - 2017, the critical 
pressure ratio of single-phase liquid is estimated by Eq. (A-8). In 
the formula, Pv and Pc are respectively the absolute pressure of 
liquid vapor at the inlet temperature and the absolute thermo
dynamic critical pressure of the liquid. In fact, the critical pressure 
ratio of single-phase liquid is very small. Therefore, under the 
working conditions in this paper, it can be considered that the flow 
regime of the valve at this time is subcritical flow. 

yc =1 −

(

0:96 − 0:28

̅̅̅̅̅

Pv

Pc

√ )

(A-8) 

Then, calculate P2, valve and P3 successively according to Eqs. (A- 
9) and (A-10), and ignore the possible gas backflow in Eq. (A-10). 

P2;valve = P2yc (A-9) 

P3 = P2 −
max(0; P2 − Ps)[

1 − (Dvalve=Driser)
1:885

] (A-10) 

Judge the numerical magnitudes of the above two pressures to 
determine the valve flow regime and the actual pressure ratio: 

flow=

{
critical flow; if P2;valve ≥ P3

subcritical flow; if P2;valve < P3
(A-11) 

y=

{
P2;valve

/
P2; if P2;valve ≥ P3

P3=P2; if P2;valve < P3
(A-12) 

Finally, solve the adiabatic mass flow rate ma and the final calcu
lated mass flow rate mc according to Eqs. (A-13) and (A-14). It should 
be noted that there was a writing error in the calculation formula of ma 
in the original literature, and it has been corrected here. 

m2
a=

2P2A2
riser

[
λ
(

y1− 1=k − 1
)
+Sα(y− 1)

]

υg;riser

(

xg;out+
1
Sxl;out

)[
r2
(
xg;out+Sα

)2
−
(
xg;outy− 1=k+Sα

)2
]

(A-13) 

mc =Cdma (A-14) 

All constants involved in the calculations in Appendix A, their 
value and definitions are shown in Appendix B.
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Appendix B. Details about simulation

The PVTfile  required for OLGA simulation are generated by 
commercial software. The working fluids information is modeled 
after that of Schüller et al. (2006), with only minor modifications. 
The specific  proportions are shown in Table B-1. The constants 
involved in the calculation, their definitions and values are shown 
in Table B-2. The parameters in Table B-2 are obtained from the 
working medium information generated by commercial software. 
The temperature condition is 30 ◦C, and the pressure condition is 
the sum of the separator pressure and the full-hydraulic drop of 
the riser. 
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Ethane 7.63 1.47 0.00
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Iso-butane 0.52 0.66 0.00
Butane 1.41 2.54 0.00
Iso-pentane 0.41 1.63 0.00
Pentane 0.48 2.51 0.00
C6+ 0.44 86.24 0.00
Nacl 0.00 0.00 0.01
Water 0.00 0.00 99.99

Table B-2 
The values and definitions of the calculation constants.

Symbol Description Value Unit

M Gas molecular 19.81e-3 kg/mol
T Temperature 303.15 K
Z Compressibility factor 0.9006 ⋅
μl Liquid viscosity 0.2903e-3 Pa⋅s
μg Gas viscosity 0.0122e-3 Pa⋅s
ε Pipe roughness 2.8e-5 m
ρo Oil density 624.89 kg/m3

ρg0 Gas density under 
standard conditions

1.275 kg/m3

ρl Liquid density 965.23 kg/m3

Wc Water cut 0.9 ⋅
GOR Gas-Oil ratio 454.52 ⋅
GLR Gas-Liquid ratio 45.04 ⋅
USL Liquid superficial 

velocity
0.2 m/s

USG0 Gas superficial velocity 
under standard 
conditions

9.01 m/s

Cvg Specific heat value of 
gas at constant volume 
condition

46.97 J/(mol⋅K)

Cpg Specific heat value of 
gas at constant 
pressure condition

32.96 J/(mol⋅K)

k Ratio of specific heat 
(Cpg/Cvg)

1.425 ⋅

Cv,max Valve flow coefficient 
Cv at fully open

400 m3/h

Cd Valve discharge 
coefficient at fully open

0.725 ⋅
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